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ABSTRACT

Biodiesel, defined as “a fuel comprised of mono-alkyl esters of long chain fatty
acids derived from vegetable oils or animal fats”, is finding favor commercially
worldwide. The objective of this study is to evaluate the use of solid catalysts for
triglyceride transesterification and carboxylic acid esterification to produce biodiesel fuel.
Processes using mainly homogeneous alkali catalysts (such as NaOH, KOH, and
methoxides) have been shown to be effective for biodiesel synthesis when dealing with
virgin oil feedstocks. Use of acid catalysts (e.g., H2SO4) becomes important when
processing low quality feedstocks that contain appreciable amounts of free fatty acids,
such as restaurant waste grease, and trap greases.
Due to environmental concerns, there has been a strong interest in the use of solid
catalysts as a replacement for homogeneous ones. The use of solid catalysts has the
potential to improve the technical economic, and environmental aspects of biodiesel
synthesis (e.g., ease of separation, continuous processing, reuse of catalyst, less waste
generation, less corrosive effects by avoiding the use of mineral acids and methoxydes).
In particular, solid acid catalysts are able to catalyze both transesterification and
esterification reactions simultaneously.
To evaluate the potential use of solid catalyst for biodiesel applications,
knowledge of the reaction mechanism and accurate kinetics for the transesterification and
esterification reactions are essential. Therefore, numerous solid catalysts are being
investigated with the objective of finding suitable catalyst characteristics and optimum
conditions for biodiesel synthesis.
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CHAPTER 1
INTRODUCTION

1.1 Basic definitions

We begin our introduction by providing some of the basic definitions that are
fundamental to the presentation and understanding of the current investigation:



Biodiesel, as defined by the ASTM D6751-03, is a fuel comprised of mono-alkyl
esters of long chain fatty acids derived from vegetable oils or animal fats and is
designated B100. Misuses of this term are common even in the scientific
literature. For instance, Snåre et al. [1] referred to biodiesel as an alkane molecule
obtained from the deoxygenation of a free fatty acid (e.g., stearic acid). The
mixture of regular diesel and oxygenates has also been called biodiesel in the
literature [2]. However, the ASTM definition is the most generally accepted. The
designation for biodiesel blends with diesel, for example, a mixture of 2%
biodiesel and 98% petroleum diesel (by volume) is typically referred to as B2.
Appendix 1 contains the current U.S. and European standards for B100.



Yellow grease normally refers to waste oils that come from restaurant fryers and
grease traps. The level of free fatty acids (FFAs) in yellow grease does not exceed
15 wt% [3].



Esterification is the reaction between a carboxylic acid and an alcohol to produce
a molecule of ester and water, and is routinely catalyzed by acids:
O

O

(1.1)
R'OH



HO

HOH

R

R'O

R

Transesterification is the chemical reaction where an ester is transformed into a
different ester. Basically, the process consists of exchanging the alkoxy group of
an ester with that of an alcohol:
O

O
R'OH

R''O

R''OH

R

R'O

(1.2)
R

This reaction is normally catalyzed by bases and acids. In particular for biodiesel
synthesis, methanol is the alcohol that is predominantly used. For that reason, the
transesterification reaction is also referred to as transmethylation. Since the
reaction involves the cleavage of an ester group by an alcohol, this reaction is also
known as alcoholysis.



Free fatty acids are carboxylic acids with long unbranched aliphatic chains. The
fatty acids may exhibit differences in hydrocarbon chain length, level of
saturation, and position of double bonds [4]. The aliphatic chain normally ranges
from 4-24 carbons and the level of saturation may vary between 0 and 3 double
bonds. In crude vegetable oils, the percentage of free fatty acids is very low. For
instance, the level of FFAs in crude soybean oil ranges from 0.3-0.7 wt% [5].
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However, the percentage of free fatty acids in yellow greases increases as a result
of the hydrolysis of the triglycerides with the water contained in the frying foods.



Triglycerides are molecules that consist of a glycerol backbone esterified with
three free fatty acids:
O
H3C
H3C

(

(

)x
)y

O

O

O

O

)zCH3

(
O

where x, y, and z are long alkyl or alkenyl chains. These glyceryl esters are the
major components in vegetable oils and animal fats. The transesterification of
triglycerides is a stepwise reaction where the triglyceride reacts first with the
alcohol to produce a diglyceride and a mono-alkyl ester molecule, then the
diglyceride reacts similarly to produce a monoglyceride and a second molecule of
mono-alkyl ester, and finally the monoglyceride reacts with another alcohol to
produce glycerol (or glycerin) and a third molecule of mono-alkyl ester:

O
H3 C
H3 C

(

(

)x
)y
O



O

R

R
O
+ 3 ROH
O

(

)zCH3

H3 C(

)x

O + H3 C

(

)y

H

O
O + H3 C

biodiesel

O

R

O

O

(n)
.....

(

)z

O
O +
H

O

O

H

(1.3)

Solid or heterogeneous catalysts are solid materials that enhance the reaction
rate of chemical reactions. A solid catalyst normally consists of an active catalytic
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phase (active sites) and a support, although in the case of bulk catalyst there is no
separate support. In order to facilitate the pore diffusion of the reacting molecules,
the support is intended to provide high surface area and stability to the catalyst.
Some examples of support materials are metal oxides (e.g., SiO2, ZrO2) and
carbon.

1.2 Background

The idea of using vegetable oils as fuel for automobile engines has been around
since the invention of the Diesel engine itself. In 1893, Rudolf Diesel patented the Diesel
engine, whose performance was first exhibited using peanut oil as fuel. In the 1920’s an
alteration to the engine allowed it to run on what is known today as Diesel No 2. The
interests of a growing petroleum industry in making fossil-based fuels the main source of
energy eventually eliminated all other sorts of competition.
Nowadays, the need for near- and long-term alternative sources of energy has
motivated the research on renewable fuels. Vegetables oils and fats together with other
more modern sources of energy, such as wind, solar, and nuclear power, are the
promising renewable alternative or resources being investigated to overcome the
increasing energy demand.
Over the past century, vehicles and distribution infrastructure have been primarily
designed to be used with low viscosity fuels, such as Diesel No 2, which exhibit a
kinematic viscosity in the range of 1.9-4.1 mm2/s at 40°C [3]. Thus, the main limitation
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of using straight vegetable oils as a replacement for conventional diesel in ignitioncompression (IC) engines is their much higher viscosities [6]. In this respect, biodiesel
offers a better suitability to the current infrastructure. Table 1.1 shows a comparison of
the kinematic viscosities of vegetable oils and their methyl ester counterparts.

Table 1.1 Kinematic viscosities (in mm2/s) of vegetable oils and their respective methyl
esters obtained by transesterification at 37.8°C [7].
Test Sample

Cottonseed

Hazelnut
kernel

Poppyseed

Rapeseed

Safflower seed

Sunflower seed

Vegetable oil
Methyl Ester

33.7
3.1

24.0
2.8

42.4
3.5

37.3
3.3

31.6
2.9

34.4
3.2

The suitability of biodiesel to the current infrastructure is only one of many other
advantages offered by the use of this fuel:


Lower dependence on foreign fossil-based materials.



Renewable.



Limits the generation of greenhouse gases. Theoretically, the generation and
consumption of CO2 become balanced by two main reactions, the combustion of
biodiesel (Eqn. 1.4) and plant photosynthesis (Eqn. 1.5):

biodiesel + O2 (from air) ↔ CO2 + H2O

(1.4)

6 H2O+ 6 CO2 ↔ C6H12O6 (glucose) + 6 O2

(1.5)
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Lower harmful combustion emissions, especially SOx. However, a slight increase
in the generation of NOx from the combustion of biodiesel and biodiesel blends
has been reported [8]. It appears that the selection of the biodiesel feedstock may
affect the generation of NOx. For instance, B20 formulated using animal fat
methyl esters have been found to produce less NOx emissions than B20 containing
soybean methyl esters [9].



Improvement of rural economies as the production of vegetable oils is key for the
production of biodiesel.



Biodegradability.



Improved combustion (the biodiesel molecule contains oxygen, see Eqn. 1.3).



Low fuel toxicity.



Ability to be used as a fuel extender.

The crop that is being most exploited for the production of biodiesel in the U.S. is
soybeans. Hill et al. recently reported that devoting all U.S. production of soybeans to the
production of biodiesel fuel (for 2005) would satisfy only 6% of the total U.S. diesel
demand [10]. However, new feedstocks (e.g., algae) as well as more efficient production
technologies are being currently investigated. As shown in Figure 1.1, the U.S.
production capacity and world research interest (as reflected by the number of scientific
publications) have increased significantly over the past 8 years.
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Figure 1.1 Installed U.S. production capacity of biodiesel [11] and scientific publications
on biodiesel for the period 1998-2006 [ISI Web of Knowledge, SCI, keyword: biodiesel].
Another alternative to increase the production of biodiesel is to recycle used
vegetable oils (i.e., yellow greases). According to recent reports, the US produces 183261 Mgal/yr of yellow grease [12] at a price that is ~ 49% of that of fresh soybean oil
[13]. The use of these lower grade feedstocks can increase the biodiesel production
margin profits. However, these lower grade feedstocks may necessitate more processing
than fresh vegetable oils as these former ones contain varying levels of free fatty acids
and other degradation compounds.

1.3 Brief overview of biodiesel production methodologies

This section provides a brief review of the processes for synthesizing biodiesel.
As stated previously, the goal of this process is to lower the high viscosity of
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triglycerides, enhance cold flow and combustion properties to generate a suitable fuel for
IC engines.

1.3.1 Homogeneous-catalyzed processes
a) Base-catalyzed transesterification
The transesterification reaction is commonly carried out in the presence of
homogeneous base catalysts, such as the hydroxide, carbonates, or alkoxides of sodium
and potassium. The reaction using homogeneous base catalysts is the commercially
preferred synthesis method because it proceeds far more rapidly than acid-catalyzed
transesterifications [14]. Another reason for the preference of the base-catalyzed process
is that it requires mild reaction conditions (20°C-60°C, atmospheric pressure). In
addition, high reactant conversions can be achieved with minimal side reactions when the
content of water and FFAs is not significant.
The first step of the homogeneous base-catalyzed transesterification mechanism
(Figure 1.2) is the generation of the alkoxides species (M+OR-) by the reaction of the base
with the alcohol. Then, the nucleophilic attack of the alkoxide group (OR-) at the
carbonyl carbon of the triglyceride generates an intermediate that decomposes into the
alkyl ester and the anion of the diglyceride. Finally, the deprotonation of the catalyst by
the anion of the diglyceride regenerates the catalyst. This reaction cycle is repeated with
the diglyceride and monoglyceride molecules.
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O
H3 C
H3 C

(

(

)x

R
O
+ M+OR-

O

)y

O

O
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)zCH3

(
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H3 C

(

(

R
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(
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(
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O
H3 C

(

(

H

O

O

O

(3)

+O

O

O

(n)

.....
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(

O

)

y
O

H

(

)z

CH 3

+
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(

)x

O + M+

O

H

O
O +

O

)y

)zCH3

H

O
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(2)

O

R

O

O
M+OR- + H3 C(

+ M+
O

O

R

R

O-

OO

O
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O

O
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(
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H3 C(

)x

O

O

Figure 1.2 Mechanism of homogeneous base-catalyzed transesterification
triglycerides. Redrawn using the information in references [3, 15-17].

of

While there are many investigations dealing with homogeneous-base-catalyzed
transesterification [18-30], just a few studies have dealt with the determination of kinetic
parameters, such as reaction rate constants and activation energies [18, 22-25, 28]. One of
the major difficulties associated with obtaining reliable kinetic parameters had been the
heterogeneity of the reaction mixture: (i) the complexity of fats and oil mixtures (e.g.,
soybean oil (SBO), rapeseed oil), and (ii) the poor miscibility of the triglyceride and
alcohol (e.g., SBO/methanol) at the beginning of the reaction.
The homogeneous base-catalyzed process is an effective method for producing
biodiesel. However, the major disadvantages of this process are:


The catalyst is not easily recovered.



A post-reaction neutralization step is required to meet biodiesel standard
specifications. In order to neutralize the remaining catalyst in the biodiesel phase,
a low pH water wash procedure (e.g., dilute HCl solution) is utilized. However,
controlled agitation is required as the presence of soaps in the reaction mixture
may lead to the formation of foam. New technologies are becoming commercially

9

available

which

utilizes

solid

adsorbents,

such

as

Magnesol®D-SOL,

AMBERLITE™ BD10DRY™, and Lewatit®GF202 under dry conditions that
lower the concentration of catalyst and other undesired reaction intermediates.
Nevertheless, most of this first generation of adsorbent materials cannot be reused
thereby generating waste by-products.


The catalyst contaminates the glycerol by-product. Mao et al. [21] and Chiu et al.
[31] have quantitatively demonstrated that most of the homogeneous catalyst
partitions into the glycerol phase as it separates from the reaction mixture. The
presence of the catalyst and other contaminants substantially lowers the value of
the glycerol by-product.

There exists in the literature an extensive and recent review on the homogeneous
catalyzed biodiesel synthesis by Lotero et al. [16] which is recommended for more
information on this topic.

b) Acid-catalyzed transesterification
The homogeneous acid-catalyzed transesterification route to biodiesel production
has been commercially less favored than the base-catalyzed transesterification process.
However, the use of acid catalysts allows for the simultaneous esterification of FFAs and
transesterification of triglycerides which becomes critical when dealing with lower
quality feedstocks. To date there have been only a few studies dealing with
homogeneous-acid-catalyzed transesterification [14, 28, 32-38]. Among homogeneous
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Brønsted acid catalysts we find: H2SO4 [33], HCl [33], arylsulfonic acid [39], H3PO4,
polyphosphoric acid, and mixtures of these catalysts [40]. Figure 1.3 provides the
reaction mechanism for homogeneous acid-catalyzed transesterification.
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Figure 1.3 Mechanism of homogeneous acid-catalyzed transesterification
triglycerides. Redrawn using the information in references [3, 15-17].

of

The reaction mechanism consists of (i) protonation of the triglyceride carbonyl
oxygen, (ii) nucleophilic attack by the alcohol, and (iii) proton migration and breakdown
of the intermediate. Analogously, the cycle is repeated for the diglyceride and
monoglyceride and the catalyst (H+A-) is regenerated.
The acid-catalyzed transesterification of soybean oil with methanol was
investigated using sulfuric, hydrochloric, formic, acetic, and nitric acids as catalysts at
100°C and 120°C [33]. The results revealed that only sulfuric acid is an effective
homogeneous acid catalyst with a conversion greater than 99% after 20 h of reaction at
100°C. All other acid catalysts gave soybean conversion lower than 0.7% at the same
reaction conditions.
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A combination of the acid- and base-catalyzed transesterification can be
employed when dealing with lower quality feedstocks, such as restaurant waste oil
(yellow grease). The first step consists in reducing the amount of FFAs by esterification
using an acid catalyst. Once the FFAs content has dropped to an acceptable level, the
remaining triglycerides are transesterified using alkali catalysts. Table 1.2 summarizes
the studies addressing this issue.

Table 1.2 Biodiesel synthesis from low quality feedstocks using homogeneous acidcatalyzed and integrated processes.
Feedstock

Catalyst

Mixture type

FFA (wt%)

Reference

Soybean oil/Palmitic acid

Sulfuric acid

Synthetic

[36]

Yellow grease

Real

Soybean/ palmitic acid

Sulfuric acid and
NaOH
Sulfuric acid

5%, 10%, 15%,
20% and 33%
9%

Synthetic

20% and 40%

[42]

Yellow grease

Sulfuric acid

Real

12%

[42]

Yellow greases

KOH

Real

0.42%-5.12%

[43]

Yellow grease

HCl

Real

-

[44]

Soapstock†

Sulfuric acid

Synthetic

59.3%

[45]

Mahua oil

Sulfuric acid and
KOH
Sulfuric acid

Real

19%

[46]

Real

variable

[38]

Real

5.6%

[47]

Yellow grease
Yellow grease

Sulfuric acid and
KOH

†

[41]

Soapstock or acid oil is a by-product of the refining of vegetable oils which consists of a heavy alkaline
aqueous emulsion of lipids, containing about 50% water, FFAs, phosphoacylglycerols, triglycerides,
pigments and other minor nonpolar soybean components [48].
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A large excess of alcohol is commonly used to compensate for the slower reaction
rate of the acid-catalyzed transesterification [37, 38, 49]. However, the use of this
excessive amount of alcohol makes difficult the recovery of the reaction products.
Analogous to the homogeneous base-catalyzed transesterification, the disadvantages of
the acid-catalyzed process are that the catalyst is once-through used, the need for postreaction neutralization steps, and the contamination of the glycerol by-product with the
acid catalyst [31]. An additional drawback of using strong mineral acids is the need for
corrosion-resistant plant equipment.
Homogeneous Lewis acids can also be employed in esterification and
transesterification reactions [40, 50]. Lewis acids are often more advantageous than
Brønsted acids because Lewis acids do not promote the dehydration of alcohols. In the
production of biodiesel, the etherification of alcohols is an undesired parallel reaction that
produces water. Hoydonckx et al. [40] reviewed the utilization of Lewis acids containing
Ti, Sn, Hf, and Zr for esterification and transesterification reactions. These authors
pointed out that some of these catalysts are also resistant to the presence of water.
More recently, Di Sergio et al. [50] investigated the activity of several different of
homogeneous Lewis acids, which included the bivalent cationic salts (acetates and
stearates) of Ba, Ca, Mg, Cd, Mn, Pb, Zn, Co, and Ni. The highest catalytic activities
towards the transesterification of low-acidity soybean oil were found for the Cd and Zn
salts. The stearates exhibited a better activity than the acetates due to the higher
miscibility of the former catalysts in the reaction mixture.
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c) In Situ transesterification process
It is worthwhile addressing a special case of the homogeneous-catalyzed process.
The in situ transesterification process provides a different way to make biodiesel that
eliminates expensive intermediate extraction and refining steps. In situ is Latin for “in
place”, when something is in situ then it means that is done in its place of origin.
Basically, in the in situ process, the transesterification reaction is directly carried out
using the macerated seeds (e.g., soybean oil flakes) instead of the pre-extracted oil. A
simplified schematic of the conventional vs. in situ process is provided in Figure 1.4.

(a) Conventional process
whole seeds
+
solvent

Extraction

(b) In Situ process
whole seeds
+
alcohol

meal

Oil + solvent

alcohol
+
catalyst

Distillation
Oil
alcohol +
catalyst

Maceration

Transesterification
crude product

Purification

Transesterification

meal

crude product

Purification

Pure esters

glycerol
+
catalyst
+
alcohol

Pure esters

Figure 1.4 Comparison of (a) the conventional homogeneous-catalyzed process and (b)
the in situ process.
In 1985, Harrington and D’Arci-Evans first proposed the in situ transesterification
concept [51, 52]. Later, Siler-Marinkovic and Tomasevic reported on the in situ
transesterification of sunflower oil with methanol using sulfuric acid. These authors
reported that a large excess of alcohol (e.g., 300:1 methanol:oil) was needed to obtain
high reaction yields [51-53].
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Haas et al. worked on the optimization of the base-catalyzed in situ methodology
[54]. This group has recently found that moisture-bearing soybean flakes consume
significantly more alcohol than the dehydrated flakes [55]. Still, this methodology is
currently not cost-efficient due to the large amounts of alcohol needed.

1.3.2 Heterogeneous-catalyzed processes
Research is now being directed to the application of heterogeneous catalysts for
biodiesel-forming reactions. Solid catalysts are attractive alternatives for the
homogeneous ones because they are easily recovered, facilitate continuous processing,
and minimize product separation problems. To our knowledge, no heterogeneous catalyst
for transesterification is yet commercially available that operates under mild reaction
conditions (20-60°C). The first heterogeneous-catalyzed industrial process, Esterfip-HTM,
was developed by the French Institute of Petroleum (FIP) in 2005 [56-58] . The catalyst
consists of a spinel mixed oxide of two non-noble metals, Al and Zn [59]. The process
features two packed bed reactors in series, which operate at high reaction temperature and
pressure, 200°C and 60 bars, respectively. The schematic of the process is shown in
Figure 1.5. More recently (June 2007), an integrated solid-acid-catalyzed (Lewatit GF
101)/homogeneous-base-catalyzed (MeOCH3) process was introduced to the market by
Lanxess.
Several solid base catalysts have been investigated for different transesterification
reactions. Among these catalysts are hydrotalcites [60, 61], ETS-10 Na, K [35, 62], Lipromoted calcium oxide [63], Na/NaOH/γ-Al2O3 [64], K2CO3-loaded alumina [65], MgO

15

[66], nanocrystalline calcium oxide [67], quaternary ammonium functionalized silica gel
[68], Amberlyst A26 [68], and other anionic ion-exchange resins [69]. Liu has recently
provided an updated and extensive review on the use of solid base catalysts for
transesterification reactions [70].

Partial Evaporation

Partial Evaporation
HX-4

P-1--

P-4--

HX-4

PBR

PBR

Full
Evaporation

T-3

T-3
P-3--

P-10--

Biodiesel

HX-2
P-6--

T-3
T-1

Settler

T-4
T-2

Methanol

P-7--

Settler

P-8--

HX-3

P-9--

Vegetable oil
T-5

Settler
Glycerol

Figure 1.5 Simplified process diagram of the Esterfip-HTM process. Redrawn from [56,
57].
Some of the solid acid catalysts that have been investigated as potential
replacements for mineral acids for biodiesel related applications are: tungsten oxides [35,
71-73], sulphated zirconia [35, 74-76], Amberlyst®15 [35, 75, 77], sulphonated
saccharides (carbon-supported) [78-81], Nafion® resins [32, 35, 75, 82-84], and
organosulfonic functionalized mesoporous silicas [17, 85-87]. The literature in
esterification using solid acid catalysts is vast and extensive given that esterification is a
classical reaction [71, 82-84, 88-105]. On the other hand, the use of solid-acid catalysts
for transesterification reactions has been scarcely investigated. Table 1.3 provides the
summary of the studies in this area. It should be pointed out that more than 1/3 of the
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research papers on the transesterification of triglycerides using solid acid catalysts were
contributed by the work provided in the present dissertation.

Table 1.3 Research studies on the transesterification of triglycerides using solid acid
catalysts.
Year

Solid acid catalysts

glyceryl or
linear ester

Ref.

1995
1999
2002
2004

Rapeseed oil
Ethyl acetate
Kernel oil
Soybean oil

[34]
[106]
[107]
[71]

Brazilian oils
Triacetin

[77]
[35]

2006
2007
2007
2007
2007

Amorphous modified zirconias
Nafion SAC-13 and Nafion NR50
Sulfonated carbon (sugar catalyst)
Tungstated zirconia
Sulfonated carbon (sugar catalyst)

2007

Modified zirconias

Low quality
canola oil
Crude palm
kernel oil
Soybean oil
Triacetin
Yellow grease
Triacetin
Triacetin,
tricaprylin and
soybean oil
Tricaprylin

[108]

2006

Sulfonated aluminosilicates
Hydrous tin oxide
Aluminum phosphate
Sulfated tin oxide, sulfated zirconia alumina, tungstated zirconia
alumina
Amberlyst resins
Amberlyst 15, sulfated zirconia, Nafion NR50, tungstated
zirconia, supported phosphoric acid, zeolite Hβ, ETS-10-H
12-tungstophosphoric acid impregnated on ZrO2, SiO2, Al2O3,
and activated carbon
Sulphated tin oxide and sulfated zirconia

2005
2005
2006

[74]
[109]
[32]
[80]
[72]
[81]
In preparation

1.3.3 Enzyme-catalyzed process
Microbial lipases have been used at laboratory-scale for the transesterification of
triglyceride model compounds and vegetable oils. The process variables commonly
studied

are

temperature,

addition

of

water,

enzyme

concentration,

pH,

alcohol/triglyceride molar ratio, solvent, and the type of microorganism that generates the
enzyme. The enzymatic transesterification of sunflower oil with different alcohols
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(methanol, absolute ethanol, and 1-propanol) on Novozym 435 (commercial immobilized
lipase) was found to be highly efficient [110]. Also, a two-step enzymatic methanolysis
of rice bean oil (>18% FFA) has been reported for the complete conversion (98%) of
both FFA and triglycerides present in the feedstock to their corresponding methyl esters
in only 4-6 h using Novozym 435 under mild reaction conditions [111]. Lipase from
Pseudomonas cepacia was used in the transesterification of soybean oil at 35°C [112].
Under optimal conditions, after 1 h of reaction, methyl and ethyl ester formation was 67
and 65 mol%, respectively [112]. Triacetin and tricaprylin were transesterified with
propanol using immobilized lipase from Candida Antarctica at 50°C [113]. The reaction
using tricaprylin was two times faster than triacetin. Conversions of ~100% of tricaprylin
and triacetin were obtained after 6 h and 12 h, respectively [113]. Candida Antarctica
was also used in the simultaneous esterification and transesterification of acid oil [114].
These authors found that the enzyme can be successfully reused for long reaction periods
(> 100 days) without considerable loss of the catalytic activity.

1.3.4 Catalyst-free process
The transesterification reaction can occur in the absence of a catalyst when the
alcohol is subjected to supercritical conditions. The supercritical properties of methanol
are Tc = 239°C and Pc = 8.09 MPa [115]. The supercritical state of methanol enhances the
miscibility of the oil/methanol mixture due to a decrease in the dielectric constant of
methanol in the supercritical state. Kusdiana and Saka [115] successfully transesterified
rapeseed oil using supercritical methanol at 350°C. Warabi et al. [116] used various
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supercritical alcohols (methanol, ethanol, 1-propanol, 1-butanol, or 1-octanol) to study
transesterification of rapeseed oil and alkyl esterification of fatty acids at high reaction
temperatures (300-350°C). The results showed that transesterification was slower for
alcohols with longer alkyl chains. Table 1.4 provides a comparison of the production of
biodiesel

by

supercritical

methanol

(SC)

and

conventional

alkali-catalyzed

transesterification method.

Table 1.4 Comparison between supercritical methanol and conventional biodiesel
production process [7, 117, 118].

Reaction time
Reaction temperature
Reaction pressure
Catalyst
Free fatty acids
Yield
Compounds to be removed for
purification

Conventional method

SC method

1-6 h
30-65°C
0.1 MPa
Alkali
Saponified products
96-97%
Methanol, catalyst, and
saponified products

0.067 h
250 -350°C
10-65 MPa
None
Methyl esters
98%
Methanol

1.3.5 Pyrolysis
Another method for the conversion of vegetable oils to valuable fuel is by
catalytic cracking reactions. Pyrolysis is the thermal degradation by heat in the absence of
air or oxygen. The reaction process normally involves the mixing of the catalyst (e.g.,
pillared clays, metallic salts, SiO2/Al2O3, and HZSM-5) with the oil in a fluid catalytic
cracker unit. Different types of fuels are obtained from vegetable oils using this method
such as gasoline, diesel, kerosene, aromatics, carboxylic acids, light olefins and paraffins
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[119]. The description of the triglyceride pyrolysis mechanism is especially complex.
Schwab and others have

proposed mechanisms for the thermal decomposition of

triglycerides [119-121]. Thermodynamic calculations have shown that the initial
decomposition of vegetable oils occurs with the breaking of the C-O bond at lower
temperature (~288°C) and fatty acids are the main products [120]. The pyrolysis
temperature should be higher than 400°C to obtain a maximum yield of diesel-like fuel
[121]. Strictly speaking, pyrolysis is not a method for synthesizing biodiesel; however,
this method is commonly reviewed since it is a process for converting vegetable oil into
biofuels including diesel-like fuel. Biodiesel industries have started to diversify their
production of fuels derived from vegetable oil by including catalytic cracking processes
(e.g., Imperium Renewables, Seattle, USA).

1.4 Research objectives

The objectives of this research were:

i. To find suitable solid acid catalysts for esterification and transesterification of free
fatty acids and triglycerides, respectively.
ii. To describe the desirable catalyst characteristics (morphology, site nature, density,
and strength) for this particular application.
iii. To evaluate the possibilities for doing esterification and transesterification in the
same step using the same catalyst.
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iv. To

develop

extensive

fundamental

kinetics

for

solid-acid-catalyzed-

transesterification (currently missing in the literature).
v. To capitalize on the fundamental knowledge obtained in order to design better solid
catalysts for the synthesis of biodiesel from yellow grease.
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CHAPTER 2
TRANSESTERIFICATION OF TRIACETIN WITH METHANOL ON SOLID
ACID AND BASE CATALYSTS
[As published in Applied Catalysis A: Gen (2005) 295, 97-105]

Abstract

Biodiesel is a particularly attractive renewable fuel as it can be used in existing
engines, is environmentally friendly, and is readily synthesized from animal fats and
vegetable oils. Heterogeneous catalysts offer exciting possibilities for improving the
economics of biodiesel synthesis; however, few published investigations have addressed
the use of such catalysts to date. The purpose of this research was to investigate the
kinetics and selectivities of different solid catalysts for the transesterification of triacetin
(a model compound for larger triglycerides as found in vegetable oils and fats) with
methanol. Reaction was carried out at 60°C in a batch reactor with a variety of solid and
liquid, acid and base catalysts. The homogeneous phase (i.e., liquid) catalysts (NaOH and
H2SO4) were studied for comparison. Amberlyst-15, Nafion NR50, sulfated zirconia, and
ETS-10 (Na, K) showed reasonable activities, suggesting that they could be suitable
alternatives to liquid catalysts. While on a weight % basis (of reaction mixture) the
homogeneous phase catalysts gave higher rates of reaction, on a rate-per-site basis the
solid acids were similar to H2SO4. Sulfated zirconia and tungstated zirconia had

comparable turnover frequencies as H2SO4. The deactivation characteristics of some of
these catalysts were also studied.

2.1 Introduction

Since traditional fossil energy resources are limited and greenhouse gas
emissions are becoming a greater concern, research is now being directed towards the use
of alternative renewable fuels that are capable of fulfilling an increasing energy demand.
One of the more promising approaches is the conversion of vegetable oils (VOs) and
other feedstocks, which primarily contain triglycerides (TGs) and free fatty acids (FFAs),
into biodiesel. This is an attractive alternative (or extender) to petrodiesel fuel due to well
known advantages [1]: (1) lower dependence on foreign crude oil, (2) renewable
resource, (3) limitation on greenhouse gas emissions because of the closed CO2 cycle, (4)
lower combustion emission profile (especially SOx) [2], (5) potential improvement of
rural economies, (6) biodegradability, (7) use without engine modifications, (8) good
engine performance, (9) improved combustion because of its oxygen content, (10) low
toxicity, and finally (11) ability to be blended in any proportion with regular petroleumbased diesel fuel.
Vegetable oils and animal fats are comprised of complex mixtures of
triglycerides and other minor components, such as free fatty acids (FFAs), gums, waxes,
etc. Triglycerides are esters of glycerol with 3 chains of aliphatic or olefinic FFAs of
variable length (12 to 24 carbons). Biodiesel is usually made through a chemical process
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called transesterification, whereby TGs react with a low molecular weight alcohol in the
presence of a catalyst to produce a complex mixture of fatty acid alkyl esters (biodiesel)
and glycerol. TGs must be converted to simple esters to achieve desirable flow properties
and combustion characteristics for use in biodiesel engines. There are different processes
that can be applied to synthesize biodiesel: (1) based-catalyzed transesterification [3, 4],
(2) acid-catalyzed transesterification [5, 6], (3) integrated acid-catalyzed preesterification of FFAs and base-catalyzed transesterification [7, 8], (4) enzyme-catalyzed
transesterification [9, 10], (5) hydrolysis and acid-catalyzed esterification, (6) pyrolysis
[11], and (7) supercritical alcohol transesterification [12].
Most of the commercial biodiesel that is currently produced in the U.S. comes
from the transesterification of soybean oil using homogeneous base (NaOH or KOH)
catalyzed processes [13]. The base catalyzed process is less corrosive than the
homogeneous acid (H2SO4) catalyzed one and proceeds at a much higher rate [14].
Methanol and to lesser extent ethanol are the most frequently used alcohols in biodiesel
synthesis because of their availability and low cost [15]. Even though homogeneous
catalyzed biodiesel production processes are relatively fast and show high conversions
with minimal side reactions, they are still not very cost-competitive with petrodiesel ones
because: (1) the catalyst cannot be recovered and must be neutralized at the end of the
reaction, (2) there is limited use of continuous processing methodologies [16] and, (3) the
processes are very sensitive to the presence of water and FFAs, consequently they need a
high quality feedstock (e.g., virgin or refined VOs) to avoid undesired side reactions
(hydrolysis and saponification) or additional reaction steps to first convert/eliminate the
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FFAs. Biodiesel synthesis using solid catalysts instead of homogeneous liquid catalysts
could potentially lead to cheaper production costs because of reuse of the catalyst [17,
18] and the possibility for carrying out both transesterification and esterification
simultaneously [19]. However, to date, few detailed kinetic studies using solid catalysts
have been reported in the literature [5, 17, 19].
Transesterification of TGs with alcohols proceeds via 3 consecutive and
reversible reactions where the FFA ligands combine with the alcohol to produce a fatty
acid alkyl ester, di- and monoglyceride intermediates, and finally a glycerol by-product.
The stoichiometric reaction requires 1 mole of triacetin and 3 moles of methanol to
produce 3 moles of methyl acetate and 1 mole of glycerol. Figure 2.1 shows the reactions
for the transesterification of triacetin with methanol.
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Figure 2.1 Transesterification reactions of triacetin with methanol.
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OCH3

The differences between the reaction mechanisms of homogeneous Brønsted
acid-catalyzed and base-catalyzed transesterification have been discussed elsewhere [4, 6,
20], but the key step in both mechanisms involves reaction with the ester carbonyl
moiety. Only limited information is available about the mechanism of transesterification
of TGs using heterogeneous catalysts; however, similar reaction mechanisms to those
observed with homogeneous catalyst are likely occurring.
The objective of this paper is to give fundamental insight into the
transesterification of triglycerides on solid catalysts. In an effort to identify catalyst
characteristics that would be ideal for biodiesel synthesis, this study compared the
catalytic activity of a number of solid and liquid catalysts in the transesterification of
triacetin with methanol at 60°C. Triacetin is the simplest TG and was used here as a
model compound for larger TG molecules. This amphiphilic molecule contains a polar
glycerol backbone and three non-polar methyl groups. Triacetin is a flexible molecule;
however, its conformational freedom is greatly restricted upon solvation [21], which may
affect its internal diffusion in a porous solid catalyst. The chemistry and structural
simplicity of triacetin simplifies the identification and quantification of reaction products,
thereby increasing the accuracy of the kinetics of reaction, while keeping the same
chemical functionality shared by every TG.
The solid acid catalysts studied were Amberlyst-15, Nafion NR50, supported
phosphoric acid (SPA), sulphated zirconia (SZ), tungstated zirconia (WZ), zeolite Hβ,
and ETS-10 (H). The solid base catalysts studied were MgO, and ETS-10 (Na, K). The
reaction results using these solid catalysts were compared to those using H2SO4 or NaOH
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as homogeneous catalysts. This study compares the activity of acid catalysts on a weight
% basis (as is commonly done) and also on a rate-per-site basis which gives a more
fundamental and legitimate way to compare catalyst materials.

2.2 Experimental

2.2.1 Materials
All experimental runs were carried out using commercially available catalysts.
The microporous materials ETS-10 (Na, K) (6.14 wt% Na and 5.22 wt% K) and ETS-10
(H) (1.99 wt% Na and 2.28 wt% K) were obtained from Engelhard (Iselin, NJ).
Magnesium Electron Inc. (MEI, Manchester, UK) provided the sulfated zirconia
(containing 1.73 wt% S) and tungstated zirconia (13.4 wt% W). The silica-supported
phosphoric acid (SPA) [silicon orthophosphate (60-80 %) and silicon pyrophosphate (110%)] was obtained from Süd-Chemie. Amberlyst-15 (with a swelled acid site
concentration of 4.7 meq/g), Nafion NR50 (with a swelled acid site concentration of 0.9
meq/g) and pure MgO were purchased from Sigma-Aldrich. Zeolite Hβ (SiO2/Al2O3 =
300) was obtained from Zeolyst International (Valley Forge, PA). Sodium hydroxide
(98.9 wt %) and liquid sulfuric acid (98 wt %) were purchased from Fisher Scientific.
A mixture of reactant/products (4 wt% glycerol, 26 wt% monoacetin, 45 wt%
diacetin, and 25 wt% triacetin), glycerol (99 wt%), methyl acetate (99 wt%), triacetin (99
wt%) and anhydrous methanol (99 wt%) were purchased from Fisher Scientific for
GC/MS calibration and reaction experiments. Toluene and 2-isopropanol were purchased
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from Fisher Scientific and used as an internal standard and a solvent (for GC analysis),
respectively. Reactants and standards were high purity (anhydrous) chemicals and used as
received.

2.2.2. Solid catalyst pretreatment
Solid catalysts were pretreated for 3 h in flowing UHP air using the conditions
summarized in Table 2.1. After calcination, the catalysts were crushed and sieved (≥ 40
mesh) to minimize internal diffusion resistance, with exception of Nafion NR50.
Table 2.1 Catalyst pretreatment conditions.

a
b

Catalyst

Calcination
Temperature (°C)

Amberlyst-15
Nafion NR50
SPA
WZ
SZ
ETS-10 (H)
Zeolite Hβ
ETS-10 (Na, K)
MgO

90 a
none
200 b
700
600
200 b
500
500
600

In a partial vacuum of 17 in Hg for 3h.
Calcination time of 5 h used to compensate for the lower calcination temperature

2.2.3. Catalyst characterization
BET surface area (SBET) analyses were conducted for every solid catalyst after
its respective calcination or dehydration. Prior to surface area analysis, the catalyst
samples were degassed at 300°C and 10-3 mmHg for 3h with the exception of Amberlyst-
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15 (degassed overnight at 90°C), Nafion NR50 (degassed overnight at 90°C), and ETS10 H (degassed at 200°C). Adsorption measurements were carried out using UHP N2
adsorption at -196°C in a Micromeritics ASAP 2010.
Information about catalyst composition was either obtained from the catalyst
supplier or determined by elemental analysis using ICP or AA techniques (Galbraith
Laboratory, Knoxville, TN).
NH3-TPD and CO2-TPD spectra were recorded using an Altamira AMI-1 to
characterize the site adsorption distribution for acid and base catalysts, respectively. A
0.3 g sample of catalyst was heated to 315°C in 30 ml/min of helium for 1h to remove
adsorbed impurities. Next, the sample was cooled to room temperature and saturated for
2h using 100 ml/min of either 10% NH3/He or 10% CO2/He. The system was flushed for
2h with helium (30 ml/min) at room temperature, and then, the temperature was increased
to 60°C at a rate of 2°C/min, where it was held for 4h to eliminate physisorbed NH3 or
CO2. For TPD of the probe molecules, the temperature was increased to 600°C at a rate
of 10°C/min. A TCD detector was used to measure the NH3 or CO2 desorption profile. A
blank (no catalyst) study of the TPD ramp was obtained in order to account for baseline
drift.
Pulse NH3 chemisorption was used to estimate the number of acid sites present
in Amberlyst-15 (0.01 g) and Nafion NR50 (0.15 g) polymeric resins. The catalysts were
dehydrated under He flow (30 ml/min) at 100°C for 2 h, and chemisorption was carried
out at 100°C using UHP NH3. Additionally, a blank study of the pulse chemisorption
process was used to calculate baseline drift.

33

Monochromatic powder X-ray diffractograms were recorded in the 5° to 90° 2Θ
range for SZ, WZ, ETS-10 (H), ETS-10 (Na, K), MgO and zeolite Hβ using an XDS
2000 (Scintag Inc.) instrument. The diffractometer used Cu Kα radiation with a
wavelength of λ =1.54 Å.

2.2.4. Reaction Studies
2.2.4.1. Reaction Systems
In all cases, the reaction mixtures media initially contained anhydrous methanol
and triacetin in a 6:1 (methanol: triacetin) molar ratio (2 x stoichiometry for complete
conversion), which is the proportion commonly used with homogeneous base catalysts.
Prior to reaction, a sample of the reactant mixture was analyzed in order to obtain initial
concentrations. Catalyst loading (wt cat/wt reaction mixture) was 2 wt%, 0.5 wt%, and
0.025 wt% for solid catalysts, H2SO4, and NaOH, respectively. Reactions were carried
out in 50 ml flasks in a Innova Reactor Shaker System (model 4080) with constant
temperature bath or in a 100 ml stirred stainless steel Parr reactor (Series 4590). A
comparison of the impact of stirring rate on triacetin conversion on Amberlyst-15 at 60°C
was performed in the Parr reactor and the Reactor Shaker (Appendix B). Under the
conditions of this study, both reaction systems gave similar kinetics and no external mass
transfer limitations were observed.

34

2.2.4.2. Catalyst comparison and deactivation studies
General catalyst activity studies were carried out in the Innova Reactor Shaker
System set at 150 rpm and 60°C. The catalyst was quickly added to approximately 2 ml
of the triacetin/methanol reaction mixture contained in a stoppered 50 ml Erlenmeyer
flask. NaOH was previously dissolved in approximately 10 wt% of the required methanol
and then added to the appropriate reactant mixture. Because of the small amount of
reactant used in the flask, the reacting mixture was well mixed. Sibling sample flasks
were prepared for each catalyst and the reaction quenched at different times in order to
follow the progress of the reaction. The reaction mixture samples were centrifuged prior
to analysis, to separate the solid catalyst from the reactant mixture and to stop the
reaction. The reaction experiments were all repeated in order to estimate the standard
deviation, which was on average ± 2% for triacetin conversion.
For the catalyst deactivation studies, reaction was started as previously
described, except that 10 ml of the triacetin/methanol reaction mixture was used. After 2
h of reaction, the reaction mixture was centrifuged, the catalyst recovered, and the
reaction mixture analyzed. A new reaction solution was mixed with the recovered
catalyst, and a new reaction cycle was started. This process was repeated several times,
and decreases in catalytic activity with each cycle were recorded.

2.2.4.3. Initial rate and selectivity studies for acid catalysts
Initial reaction rate data was obtained using a 100 ml Parr reactor equipped with
a thermocouple, stirrer, manometer, glass liner and valves for material input and

35

withdrawal. The reactor was operated in batch mode using a 49 g reaction mixture, a
temperature of 60 ± 1°C, and an agitation rate of 1700 rpm (to minimize external mass
transfer resistance and to ensure a well mixed reaction phase). When the reactant mixture
was stable at the desired temperature, 1 g of solid catalyst or 0.25 g of H2SO4 was added.
Reaction mixture samples (~ 0.5 ml) were taken and quenched at different reaction times.
The reactor volume was only modestly affected by the sampling process by withdrawing
homogeneous samples (including catalyst) that together represented less than 10% of the
original reaction volume. Reaction samples were collected at the beginning of the
reaction (<10% conversion) to calculate initial rate data and at approximately 50%
triacetin conversion to measure selectivities. The reaction mixture samples were cooled
rapidly to room temperature and centrifuged prior to analysis in order to separate the
solid acid catalyst from the reactant mixture and stop the reaction.

2.2.5. Method of analysis
Reaction sample concentrations were determined using an HP 6890 gas
chromatograph equipped with an HP 5973 mass selective detector. The collection and
analysis of data was carried out using HP chemstation software. An Alltech Econo-Cap
EC-WAX fused silica capillary column (30 m x 0.25 mm x 0.25 µm) was used for
analyte separation. UHP helium was used as the carrier gas. The reaction samples were
diluted with 2-propanol using 1:2.2 v/v (reaction mixture/2-propanol) and a toluene
internal standard using 1:16 v/v (toluene/2-propanol). One microliter of this mixture was
injected into the column using the splitless mode option. The injector and detector
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temperatures were set to 255°C and 280°C, respectively. The oven temperature program
was held at 50°C for 3 min, then ramped up at a rate of 90°C/min to 210°C and held there
for 9 min.

2.3 Results and discussion

2.3.1. Catalyst characterization
XRD experiments showed a tetragonal structure for the zirconium oxide present
in WZ and SZ calcined at 700°C and 600°C, respectively. No XRD structures were seen
involving WOx or SOx, as is typical for these loadings and calcination temperatures.
Diffraction patterns for ETS-10 (H) and ETS-10 (Na, K) indicated that both were
crystalline; however, the alkaline-exchanged form exhibited lower intensity diffraction
peaks, which is a phenomenon commonly observed with alkali cation forms of zeolites
[22]. Zeolite Hβ and MgO diffraction patterns were compared to literature powder X-ray
diffraction data for the respective compounds to confirm that both had the correct
structure and level of crystallinity. Table 2.2 provides a summary of physical properties
for the catalysts evaluated in this study, determined by BET, elemental analysis, and
TPD. Note that a comparison of the relative strength of acid/base surface sites was not
included since the nature of the active sites for transesterification is not well understood.
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Table 2.2 Physical properties of catalysts studied.
Parameter
Catalyst

Description

SBET
(m2/g)

Elemental
analysis
wt% (element)

Site concentration
(µmol /g)

Sulfonated polystyrenebased ion-exchanged
resin. Dry average pore
diameter: 250 Å a
Dry Porosity: 0.3 cc/g a

37.8 ± 2.6

13.5% (S)

1372 c – 4700 b

Nafion
NR50

Perfluorinated
resinsulfonic acid
Dry particle size: 7-9
mesh

Very low
0.02 a

3.02% (S)

37 c - 900 b

SPA

Supported phosphoric
acid

2.6± 0.1

66.2% (P2O5) b

986 d

WZ

Tungsta modified
zirconia
Strong acid catalyst

89.2 ± 1.4

13.42% (W)

54 d

SZ

Sulfate modified
zirconia
Strong acid catalyst

134.4 ± 5.3

1.73% (S)

94 d

ETS-10 (H)

Titanosilicate (nonneutralized)
Molecular sieve

440.8 ± 11.8

1.99% (Na),
2.28% (K)

559 d

Zeolite Hβ

Aluminosilicate
Molecular sieve

620 b

42.74 % (Si),
0.35% (Al)

34 c -136 d

H2SO4

Concentrated strong
acid. Density: 1.84 a

NA

98% (H2SO4) b

NA

Titanosilicate with Na
and K cations
Molecular sieve

226.6 ± 8.6

6.14% (Na),
5.22% (K)

-

Magnesium oxide

0.45 ± 0.07

99.9% MgO b

50 e

NA

99% NaOH b

NA

ACIDS
Amberlyst15

BASES
ETS-10
(Na)
MgO
NaOH

Pellets
Strong base catalyst
a
Data from reference [39].
b
Data obtained from supplier.
c
Estimated from the NH3 pulse chemisorption.
d
Estimated from NH3 TPD.
e
Estimated from CO2 TPD.
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2.3.2. Reaction chemistry
Figure 2.2 shows the evolution of the reaction with time for ETS-10 (Na, K).
Similar progression patterns were observed for all other catalysts as well. As generally
observed with the transesterification of triglycerides, there was an initial build-up of the
diglyceride (diacetin), achieving a maximum concentration during the first minutes of
reaction. Later the monoglyceride (monoacetin) product was formed, and finally, the
glycerol by-product was produced as the sequential reactions progressed.

Concentration (moles/L)

4

3

Methyl Acetate
Glycerol
Triacetin
Monoacetin
Diacetin

2

1

0
0

20

40

60

80

Reaction Time (min)

Figure 2.2 Change in reaction concentrations with time for an initial molar ratio 6:1
(methanol: triacetin) at 60°C, over 2 wt% ETS-10 (Na, K).

Unlike many higher molecular weight TGs, triacetin is readily soluble in both
methanol and the reaction products. One of the advantages of using triacetin as a TG
surrogate is that initial external mass-transfer limitations can be avoided without the use
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of a co-solvent. Previous studies have shown that the conversion of triglycerides to
diglycerides is the rate limiting step for total TG conversion [1]; however, no evidence
for this was observed in our reaction system. Therefore, the previously observed slow
rate of formation of diglyceride intermediates was likely due to the immiscibility of the
methanol and oil phases. This suggestion is supported by studies using co-solvents, which
have shown that the rate of transesterification of soybean oil with methanol utilizing
NaOH as catalyst is initially fast and slows down as the glycerol phase is formed [23].

2.3.3. Relative catalyst activity
All catalysts were studied during the transesterification of triacetin and methanol
at 60°C over an arbitrary time period of 8 h. For all reactions, the initial molar ratio of
reagents was 6:1 (methanol: triacetin), which is the suggested proportion for basedcatalyzed transesterification [24]. Previous results have shown that higher molar ratios
are needed in acid-catalyzed transesterification [5, 25] on account of slower reaction
rates. However, in this study, the same reagent molar ratio was maintained for all
catalysts for comparison reasons. The equilibrium conversion achieved with the 6:1
molar ratio of alcohol to triacetin at 60°C was in close agreement with earlier results
(almost 100% TG conversion) [26]. However, residual amounts of diacetin and
monoacetin were still present in the reaction mixture after 8 days. A blank reaction study
showed the absence of autocatalysis at this temperature (60°C).
Figure 2.3 summarizes base catalyst activity results. Reaction using NaOH was
so fast under these conditions that, on this time scale, the first data point was near
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equilibrium conversion. NaOH exhibited the highest rate even though its relative amount
was the least (1/80 by weight of solid catalysts, respectively). Not surprisingly, the
reaction rate observed for the NaOH catalyzed transesterification of triacetin was higher
than that commonly seen for reaction with vegetable oils [1, 24, 27]. Here, there was a
single liquid-phase system, a pure TG was used, and water and FFAs were not present.

Triacetin conversion (%)
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ETS-10 (Na, K)
MgO
NaOH

80
60
40
20
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100

200
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Time (min)

Figure 2.3 Relative activities of base catalysts for transesterification of triacetin with
methanol using a 6:1 (methanol: triacetin) initial molar ratio and 60°C (NaOH = 0.025
wt%, solid bases = 2 wt%). Error bars ± 2%.
Previous research on the transesterification of soybean oil with methanol
catalyzed by ETS-10 (Na, K) have shown very promising results [17, 28]. Our results are
in agreement with these findings; the highest activity (by weight) among solid catalysts
was observed for the basic form of ETS-10, achieving approximately 99% triacetin
conversion in 8h. However, as will be seen later, the acidic form of this molecular sieve
exhibited insignificant activity (<1%) during the same 8 h period.
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The low surface area (~0.45 m2/g) MgO utilized in this study achieved only 18
% triacetin conversion after 8 h of reaction. Previous work had shown good activity of
MgO in the transesterification of rapeseed oil at the boiling point of methanol utilizing a
4.5:1 (methanol: oil) initial molar ratio [29]. In a similar study, high surface area MgO
exhibited high activity in the glycerolysis of rapeseed oil at 240°C, 2 wt% catalyst and
6:1 (glycerol: oil) initial molar ratio [30].
Figure 2.4 summarizes the acid catalyst activity results showing that, as
expected, reaction proceeds slower with these materials.
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Figure 2.4 Relative activities of acid catalysts for transesterification of triacetin with
methanol using a 6:1 (methanol: triacetin) initial molar ratio and 60°C (H2SO4 = 0.25
wt%, solid acids = 2 wt%). Error bars ± 2%.
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According to earlier work [5, 14], the homogeneous base-catalyzed
transesterification is 2-3 orders of magnitude faster than the acid-catalyzed one. Among
acid catalysts the order of reactivity was: H2SO4 > Amberlyst-15 > SZ > Nafion NR50 >
WZ > SPA > zeolite Hβ > ETS-10 (H). H2SO4 was much more active (99% triacetin
conversion) than Amberlyst-15 (79%), SZ (57%) and Nafion NR50 (33%) on a weight
basis. An important feature of the resin catalysts (Amberlyst-15 and Nafion NR50) is that
they tend to swell in highly polar solvents (e.g., methanol). Particle swelling was
observed, so this additional variable must be considered for interpreting the activity data.
Within the 8 h period, WZ gave a triacetin conversion ca. 10%, whereas zeolite Hβ, SPA
and ETS-10 (H) had triacetin conversions <10%. Since zeolite Hβ has an appreciable site
acidity, the internal mass transfer limitations in the micropores (5.5 Å x 5.5 Å) [31] may
have been responsible for this low activity. Even if the triacetin molecules are able to
enter into the pore system, the formation of larger reaction intermediates would be
prohibited. Thus, the observed reaction is probably taking place only at sites located on or
near the external surfaces of the Hβ particles. In the commercial process, where larger
molecules react to produce biodiesel, microporosity and any associated acidity would
play a negligible role in the observed activity of a catalyst.
For the most active acid and base catalysts, selectivity information (Table 2.3)
was also examined to determine whether variations in the relative rates of
transesterification for the various esters lead to the accumulation of diglyceride or
monoglyceride intermediates.
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3.4. Deactivation studies
Besides activity, another critical point to examine is the catalyst activity loss and
reusability. One of the main disadvantages of homogeneous catalysts is that they can not
be recovered. Even for single use, if water is present in the reaction mixture, NaOH can
undergo side-reactions, such as hydrolysis and saponification [13, 15]. In this study, since
the transesterification of triacetin does not produce water and anhydrous conditions were
preserved for the extent of the experiment, the reactions were able to approach
equilibrium. Complete triacetin conversion was also observed in the case of H2SO4;
although, a possibility of catalyst deactivation due to alcohol dehydration has been
reported [32].
Heterogeneous catalysts have the potential to be recovered, regenerated and
reused. Deactivation studies were carried out for the most active solid catalysts: ETS-10
(Na, K), Amberlyst-15, SZ, WZ, and Nafion NR50. Figure 2.5 shows the results for five
successive 2 h reaction cycles. ETS-10 (Na, K) exhibited a significant drop in activity
from 90% triacetin conversion (at 2 h) in the first cycle to 28% triacetin conversion (at
2h) in the fifth cycle (Fig. 2.5a). After all of the reaction cycles, the catalyst was washed
with methanol, dried overnight at 70 °C, and alkali loading re-analyzed. A new
composition of 3.45 wt% Na and 2.71 wt% K was found for the used catalyst,
corresponding to only 56 wt% and 55 wt% of the original alkali content, respectively.
When the reaction with ETS-10 (Na, K) was allowed to proceed uninterrupted for 24 h, it
was found that the sodium content of the reaction liquid was 172 ppm (14 wt% of the Na
originally present on the catalyst). These facts support the hypothesis of a homogeneous-
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like mechanism [4] where the alkali methoxide species are leached out. Methanol
molecules are small enough to fit into the microporous structure of this zeolite-like
catalyst, which has a basic framework of (Si40Ti8O140)16- with Na+ and K+ countercations
located in channels of 7.6 Å x 4.9 Å [33]. This hypothesis may also explain the low
activity of the acidic form of ETS-10 where the concentration of sodium and potassium
cations is much lower, reducing the possibility of forming homogeneous catalytic
species.
Amberlyst-15, SZ, and WZ exhibited decreases in rate of triacetin conversion of
40%, 67% and 44%, respectively, after 5 reaction cycles of 2 h each (Fig. 2.5b, 2.5c and
2.5d). After all the reaction cycles, these solid catalysts were analyzed, as above. New
compositions of 12.42% S for Amberlyst-15, 1.38% S for SZ, and 12.71% W for WZ
were found, representing 92%, 80%, and 95% of the original values, respectively. Since
the concentration of the species related to the active sites did not change significantly
(considering the experimental error in the result), it is probable that the observed catalyst
deactivation was the result of site blockage by adsorbed intermediates or product species
that were considerably more polar than the original reagents. Deposits of carbonaceous
residues on the catalyst surface at this low temperature (60°C) are unlikely to have been a
major reason for deactivation.
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Figure 2.5 Catalyst deactivation during multiple reaction cycles of transesterification of
triacetin and methanol using a 6:1 (methanol: triacetin) initial molar ratio. (●) 1st cycle,
(○) 2nd cycle, (▼) 3rd cycle, ( ∇ ) 4th cycle, and (■) 5th cycle. T= 60°C and 2 wt% catalyst.
For Nafion NR50 a different behavior was observed (Fig. 2.5e). The activity
first increased and then decreased showing an optimum activity in the 3rd cycle (after 4-6
h of being in contact with the reaction mixture). This catalyst exhibited a volume increase
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(V/Vo) of approximately 4.5 after 2 h contact with the reacting mixture at 60°C.
Therefore, this maximum in activity is likely due to swelling and the consequent increase
of active surface area of the perfluorinated resin. The fresh and used catalyst sulfur
compositions in Nafion NR50 were 3.02 wt% and 2.96 wt%, respectively. These
compositions were within the measurement error (± 2.1%); consequently, no S leaching
was evident for this catalyst during the 10 h reaction period.

2.3.5. Catalyst selectivity
In biodiesel production it is important that reaction go to completion since only
limited levels of bound glycerol are permitted by government regulation standards [23].
The selectivities to diglyceride (diacetin), monoglyceride (monoacetin) and glycerol were
examined at 50% triacetin conversion for the most active catalysts found in this study. A
blank reaction was performed in the Parr reactor in order to verify that the stainless steel
walls of the reactor could not catalyze the reaction, and no catalytic activity was
observed. Selectivities were calculated using equations 2.1, 2.2, and 2.3, where Cdi, Cmono
and Cgly are the molar concentrations of the diacetins, monoacetin and glycerol,
respectively.
Diacetin ( mole %) =

C di
× 100
C di + C mono + C gly

Monoacetin ( mole %) =

Glycerol ( mole %) =

C di

C mono
× 100
+ C mono + C gly

C gly
C di + C mono + C gly
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× 100

(2.1)

(2.2)

(2.3)

Table 2.3 summarizes the time required to achieve 50% conversion of the
triacetin reactant and the selectivities at this point. This distribution is a comparison of
the relative reaction rates of triacetin and intermediates for the different catalysts. The
relative ability to drive the reaction to completion at 50% conversion decreased in the
following order: Nafion NR50 > Amberlyst-15 > WZ > SZ > H2SO4 > NaOH > ETS-10
(Na, K). The acid resins were clearly more efficient in driving the reaction to completion
than the modified ZrO2 oxides. This may be due to the high population of sites available
for reaction (2-3 orders of magnitude higher), the lower polarity of the support and/or a
favorable selective swelling [34]. However, the time required to achieve 50% triacetin
conversion greatly differed depending on the type of catalyst used. In general,
homogeneous catalysts achieved 50% conversion much faster than their counterpart
heterogeneous ones.

Table 2.3 Selectivity to diacetin, monoacetin and glycerol at 50 ± 1% triacetin
conversion (Trxn = 60°C).
Selectivity
Catalyst

ACIDS
Amberlyst-15
Nafion NR50
SZ
WZ
H2SO4
BASES
ETS-10 (Na, K)
NaOH

Time
(min)

Triacetin
conversion
(%)

150
338
330
2047
20
14
0.6

Diacetin
(mole %)

Monoacetin
(mole %)

Glycerol
(mole %)

50
50
50
50

27.0
31.2
55.1
44.8
53.8

26.0
17.2
31.2
28.9
37.8

47.0
51.6
13.8
26.2
8.4

50
50

59.6
49.6

37.8
44.0

2.6
6.7
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2.3.6. Acid catalysts kinetics
Deactivation experiments showed that the solid acid catalysts were more robust
than the base alkali-ion exchanged zeolite-like ETS-10. Acid catalysts can also handle the
presence of FFAs in lower quality biodiesel feedstocks [6, 7, 35-38]. Due to these
advantages, further studies were carried out for Amberlyst-15, Nafion NR50, SZ, WZ,
and H2SO4 (for comparison). Turnover frequency (TOF) is one of the best ways to
compare on a rational basis. However, TOFs are not frequently calculated for solid acid
and base catalysts due to difficulties associated with the estimation of the number of
active sites. Here, for the first time, an attempt has been made to compare in a more
legitimate way the activity of acid catalysts in the transesterification of a TG. TOFs were
calculated for the most active acid catalysts used in this study, utilizing initial rates of
reaction (<10% triacetin conversion) and the number of sites reported in Table 2.2. For
the estimation of the number of active sites, we used ammonia desorption (SZ and WZ)
and pulse ammonia chemisorption (Amberlyst-15 and Nafion NR50). Theoretically,
H2SO4 contains two equivalents of H+ per mole. However, it is known that incomplete
dissociation of the second proton takes place making its contribution minor. Therefore,
only 1 mole of active sites per mole of H2SO4 has been assumed as a first approximation.
Table 2.4 presents the TOF results. Notice that for Amberlyst-15 and Nafion
NR50 a TOF range is provided, since perfect estimations of the concentration of the
active sites were not possible due to the swelling of the polymeric support. On a site
basis, the order of activity was: Nafion NR50 > SZ ≈ H2SO4 > WZ > Amberlyst-15.
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Table 2.4 TOF for the transesterification of triacetin with methanol by acid catalysts at
60°C.

a
b

Catalyst

TOF x 103
(sec-1)

Amberlyst-15
Nafion NR50
SZ
WZ
H2SO4

1.9 a - 6.4 b
2.4 a - 58.6 b
38.1
15.6
36.6

Estimated using the sites present in the swelled catalyst.
Estimated using the sites obtained from pulse NH3 chemisorption.

It has been reported that based on the use of Hammett indicators, acid site
strength of these materials are in the order SZ > WZ > H2SO4 ≈ Nafion NR50 >>
Amberlyst-15 [39, 40]. It should be remembered that catalyst activity is a function of
both acid site strength and concentration.
Nafion NR50 exhibited the highest activity (on a per-site basis) due to the strong
acid sites present in this perfluorinated resin [39]. Since non-swelled catalyst was added
to the reacting mixture and the initial rate was obtained during the first minutes of
reaction, an acid site density of 37 µmol/g was used to calculate TOF. However, as
mentioned previously, swelling of these materials could increase the number of sites
available for reaction (maximum = 900 µmol/g). Therefore, an underestimation of the
concentration of the active sites by ammonia pulse chemisorption of the dry catalyst
could have lead to the relatively high TOF of 58.6 s-1. The fact that the TOFs for SZ and
H2SO4 were very similar may be taken as an indication that the transesterification
reaction probably followed a similar mechanistic pathway with both catalysts. This is
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perhaps not surprising given their similarity in acid strength [40]. WZ showed a lower
activity than SZ; however, this material has the advantage of being more robust and
withstands higher temperatures. For instance, Furuta et. al. [19] showed that tungstated
zirconia/alumina had better activity than sulfated zirconia/alumina for the reaction of
soybean oil and methanol in the temperature range of 200-300°C.

However, these

authors did not elaborate on the causes of the improved activity of the WZA catalyst and
more studies are required to make a more far-reaching assessment of its catalytic activity.
In addition, since WZ is a weaker acid it may deactivate less significantly than SZ, as
previously shown, at the conditions used here (Figures 5c and 5d).
The TOF results suggest that solid catalysts like Nafion NR50, SZ and WZ have
the acid strength required to catalyze biodiesel forming transesterification reactions as
efficiently as sulfuric acid. Their use, however, necessitates much higher amounts of
catalyst to compensate for the acid site concentration difference on a per weight basis.

2.4 Conclusions

The following conclusions can be drawn from this study: (1) homogeneous
catalysts were more active than heterogeneous ones on a weight basis, (2) ETS-10
exhibited probable homogeneous catalysis as the alkali methoxide species were leached
out, (3) the solid acids studied underwent less deactivation than ETS-10 (Na, K) under
these experimental conditions, (4) internal mass transfer limitation may have severely
limited the performance of microporous heterogeneous acid catalysts, such as ETS-10
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(H) and zeolite Hβ, (5) Amberlyst-15, SZ, Nafion NR50 and WZ showed reasonably
good activities at this moderate temperature (60°C), indicating that there are suitable
alternatives to the homogeneous catalysts without the drawbacks of corrosion, difficulty
in handling, and once through use provided more mass of catalyst is used, and finally (6)
on a site basis SZ exhibited the same activity as sulfuric acid, suggesting that, since their
acid strengths are similar, probably follow similar reaction mechanisms.
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CHAPTER 3
TRANSESTERIFICATION OF TRIACETIN WITH METHANOL ON NAFION®
ACID RESINS
[As published in Journal of Catalysis (2007) 245, 379-389]

Abstract

Although homogeneous alkali catalysts (e.g., NaOH) are commonly used to
produce biodiesel by transesterification of triglycerides (vegetable oils and animal fats)
and methanol; solid acid catalysts, such as acidic resins, are attractive alternatives
because they are easy to separate and recover from the product mixture and also show
significant activity in the presence of fatty acid impurities, which are common in low cost
feedstocks. In order to better understand solid acid catalyst performance, a fundamental
transesterification kinetic study was carried out using triacetin and methanol on Nafion®
(perfluorinated-based ion-exchange resin) catalysts. In particular, Nafion®SAC-13 (silicasupported Nafion) and Nafion®NR50 (unsupported Nafion) were investigated, as both
show great promise for biodiesel forming reactions. The reaction kinetics for a common
homogeneous acid catalyst (H2SO4) was also determined for comparison. Liquid phase
reaction was performed at 60°C using a stirred batch reactor. The swelling properties of
the resin in solvents of diverse polarity that reflect solutions typically present in a
biodiesel synthesis mixture were examined. The initial reaction rate was greatly affected
by the extent of swelling of the resin, where as expected, a greater effect was observed

for Nafion®NR50 than for the highly dispersed Nafion®SAC-13. The reaction orders for
triacetin and methanol on Nafion®SAC-13 were 0.90 and 0.88, respectively; similar to
the reaction orders determined for H2SO4 (1.02 and 1.00, respectively). The apparent
activation energy for the conversion of triacetin to diacetin was 48.5 kJ/mol for
Nafion®SAC-13, comparable to that for H2SO4 (46.1 kJ/mol). Selective poisoning of the
Brønsted acid sites on Nafion®SAC-13 using pyridine prior to transesterification revealed
that only one site was involved in the rate limiting step. These results suggest that
reaction catalyzed by the ion-exchange resin can be considered to follow a mechanism
similar to the homogeneous catalyzed one, where protonated triglyceride (on the catalyst
surface) reaction with methanol is the rate limiting step.

3.1 Introduction

Recent concerns about the increasing cost of petroleum-derived fuels have excited
interest in the production of renewable fuels, especially biodiesel. Biodiesel consists of
fatty acid alkyl esters that are commonly derived from vegetable oils. Conversion of these
oils, primarily consisting of triglycerides, to biodiesel fuel is commonly achieved via a
series of transesterification reactions, which involve the reaction of an alkoxy group of an
ester (i.e., mono-, di-, or triglyceride) with that of a small alcohol (e.g., methanol or
ethanol). This reaction has traditionally been catalyzed by homogeneous catalysts, such
as alkaline bases or mineral acids [1-6]. However, environmental and economic concerns
are such that a continuous process that employs a heterogeneous catalyst is much more
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desirable. In particular, solid acid catalysts are ideal because they are able to catalyze
both transesterification and esterification reactions simultaneously, which becomes
important when utilizing lower quality feedstocks (e.g., used deep-frying oils) [7-9].
Sulfonic resins comprise a group of acid catalysts that can be classified according
to the polymer backbone; namely, polystyrene (e.g., Amberlyst® resins) or perfluorinated
alkanes (e.g., Nafion® resins) [10]. These acid resins have inherently low surface areas
unless a solvent is used to swell the polymer, thereby exposing additional internal acid
sites for reaction.

Since high surface areas are more desirable for heterogeneous

catalysis, increased polymer surface area (without relying on solvent swelling) can be
achieved by supporting these polymers on inert high surface area oxide materials. For
example, Nafion®SAC-13 is a highly acidic Nafion®-silica nanocomposite (Figure 3.1)
that contains 13 wt% Nafion, which is a copolymer of tetrafluoroethylene and perfluoro2-(fluorosulfonylethoxy)propyl vinyl ether. The small Nafion® resin particles (20-60 nm)
[11] are entrapped within the porous silica matrix.

Nafion®NR50

Nafion®SAC-13

Resin

[(CF2CF2)nCFCF2]x

O
OH

(OCF2CF)mOCF2CF2S
CF3

Silica supported resin

O

Figure 3.1 Schematic of the Nafion® catalysts: m =1, 2 or 3, n = 6-7, and x ~1000.
Redrawn from ref. [11].
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This acid catalyst has been shown to effectively catalyze numerous industrial
reactions, including olefin isomerizations, alkylations, acylations, oligomerizations,
esterifications, etc. [11-13]. A more detailed listing of the physicochemical properties of
this type of catalyst is provided in Table 3.1.

Table 3.1 Physicochemical characteristics of Nafion®SAC-13 and Nafion®NR50.
Parameter

Nafion®SAC-13

Nafion®NR50

Support
Composition

SiO2
Fluorosulfonic acid Nafion® polymer (10-20 wt%) on
amorphous silica (porous nanocomposite) a
-CF2CF2SO3H
H+
150 µeq/g b (120-1000 µeq/g) a
Lobular, lengthwise striations
+ 20 mesh (diameter ~ 1 mm, length/diameter = 9.4) b
> 0.6 ml/g a
> 10 nm a
0.4-0.5 g/ml a
2.1 g/ml a
> 200 m2/g a

None
Fluorosulfonic acid
Nafion® polymer
-CF2CF2SO3H
H+
≥ 800 µeq/g a (>90%)c
Cylindrical and spherical
7-9 mesh
N/A
N/A
N/A
2.1 g/ml a
-

Acidic group
Ionic form
Exchange capacity
Pellet shape
Pellet size
Pore volume
Pore diameter
Bulk density
Polymer density
Surface area
a

General information provided by the manufacturer .
Specific information provided by the manufacturer for the Nafion®SAC-13 utilized (batch # 05729PC).
c
Specific information provided by the manufacturer for the Nafion®NR50 utilized (batch # 04601MB).
b

Although the use of solid acid catalysts for the continuous production of biodiesel
is promising, only limited information exists about triglyceride transesterification rates or
the extent of catalyst deactivation [7, 14-18]. We previously reported, based on turnover
frequency (TOF) results, that solid acid catalysts such as Nafion®NR50, sulphated
zirconia (SZ), and tungstated zirconia (WZ) have sufficient acid site strength to catalyze
biodiesel forming transesterification reactions as efficiently as sulfuric acid [15]. In the
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same study, Nafion®NR50 was found to give the highest selectivity to final products
(methyl ester and glycerol) compared to other solid acid catalysts. Because of the
significant acid strength and selectivity of Nafion®NR50 and improved surface area of
Nafion®SAC-13 (without relying on solvent swelling), these catalysts were chosen for
more detailed kinetic and mechanistic studies of the liquid-phase transesterification of
triacetin (C9H14O6) and methanol. Reaction catalyzed by sulfuric acid was also studied
for comparison. All three catalysts have only Brønsted acid sites. The consecutive
transesterification reactions taking place in the conversion of triacetin (to diglycerides,
monoglycerides, glycerol, and esters) have been illustrated elsewhere [15]. Triacetin was
used as a model triglyceride for detailed kinetic study because it can be obtained in a pure
form and has all carboxylic side groups identical (acetic acid), thereby increasing the ease
of kinetic analysis of reaction. Although there is a decrease in reaction rate as the
carboxylic acid side groups get larger, preliminary results have shown that the reaction
rates of small triglycerides are directly related to those of much larger triglycerides.

3.2 Experimental

3.2.1 Materials
Nafion®SAC-13, Nafion®NR50, triacetin (99.5 wt%), methanol (99.9 wt%),
acetic acid (99.7 wt%), tetrahydrofuran (99.9 wt%), pyridine (99+ wt%), methyl acetate
(99 wt%), acetins mixture (45wt% diacetin, 26 wt% monoacetin, 25 wt% triacetin, and 4
wt% glycerol), and refined olive oil (low acidity) were purchased from Sigma-Aldrich
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and used as received. Ethanol solvent (99.5 wt%), toluene (99.8 wt%) internal standard,
and H2SO4 (95-98 wt%) were obtained from Acros Organics, Fisher Scientific, and
EMD, respectively.

3.2.2 Catalyst characterization
So as to be able to relate the observed kinetic behavior with catalyst properties,
several analytical techniques were used to probe relevant physicochemical properties of
the Nafion®SAC-13 and Nafion®NR50 catalysts studied. Catalyst total surface area
(SBET) was determined by BET analysis as previously described [15]. Analogous
conditions were used here to determine pore volume and average pore size in a
Micromeritics ASAP 2020.
The number of catalytically available acid sites was determined by titration,
chemisorption, and elemental analysis methods. The titration technique involved an ion
exchange step, whereby 0.2 g of catalyst was added to 10 ml of a 3.42 M aqueous
solution of NaCl with stirring. Following 30 hours of ion exchange at 28°C between the
catalyst H+ ions and the Na+ ions in solution, the liquid was filtered off and titrated with a
0.05 N aqueous NaOH solution. The end point for titration was determined using a pH
meter (pH = 7) and corroborated using pH paper. Pulse NH3 chemisorption using an
Altamira AMI-1 was also used to quantify the number of surface exposed acid sites
present in Nafion®SAC-13 and in Nafion®NR50 [15]. Finally, the total number of acid
sites (available and inaccessible) was determined by elemental sulfur analysis using a
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combustion technique, where the sample was heated to ~1000°C and IR was used to
quantify the resulting SO3 (Galbraith Laboratory, Knoxville, TN USA).
Catalyst resin load, thermal stability, and degradation behavior were determined
by thermogravimetric analysis using a Pyris 1 TGA (Perkin-Elmer). Sample weight
changes were recorded as the Nafion®SAC-13 (~8 mg) or the Nafion®NR50 (~20 mg)
catalyst was heated at a rate of 15°C/min from room temperature to 700°C under both
nitrogen and air atmospheres.
The resin-silica nanocomposite morphology of Nafion®SAC-13 was studied using
a Hitachi S-4700 scanning electron microscope. Before analysis, the samples were
mounted on carbon stubs with the help of double stick adhesive tape. The samples were
then coated with a thin layer of platinum in a Hummer 6.2 sputtering unit to prevent
sample charging during SEM analysis. Finally, SEM digital images were collected with
the electron beam kept at 5 kV.

3.2.3 Reaction studies
Prior to reaction, Nafion®SAC-13 pellets were ground and sieved to get the
desired particle size, and then dried at 90°C overnight under a partial vacuum of 280 torr.
Nafion®NR50 and H2SO4 were used as received. Unless otherwise specified, the catalyst
was added dry to the reaction mixture to start the reaction. The transesterification reaction
rates were investigated using an isothermal, well-mixed batch reactor (Parr model 4590).
Typically, the 100 ml stainless steel (316 SS) reactor was filled with approximately 49 g
of the reagent solution, which contained methanol and triacetin in a 6:1 molar ratio (13.8
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M methanol and 2.3 M triacetin, respectively). The reactants were then heated to the
desired temperature and the solid catalyst (1 g) or H2SO4 (0.022 g) added shortly after the
reactor temperature reached steady-state, so as to initiate the reaction. Initial reaction rate
kinetics were measured for triacetin conversion < 5%. Sample aliquots (0.1 ml) were
withdrawn periodically from the reactor, quenched to room temperature, and centrifuged
to separate out the solid catalyst in order to prevent further reaction. For the reference
experiments using H2SO4 as the catalyst, the samples were placed in an ice bath before
GC analysis. In order to evaluate catalyst deactivation, the same batch of solid catalyst
(Nafion®SAC-13) was reused several times. In experiments where the initial
concentrations of reactants were varied in order to determine the power rate law,
tetrahydrofuran (THF) was used as an inert diluent [19]. Reaction sample concentrations
were determined using an HP 6890 gas chromatograph equipped with flame ionization
detector and splitless mode injector as previously reported [15]. Solutions of known
concentration of reactants and products were used for determination of multipoint GC
calibration curves. The effect of stirrer speed and the presence/absence of diffusion
effects on the reaction kinetics were investigated and are given below.

3.3 Results and discussion

3.3.1 Solid catalyst characterization
3.3.1.1 Catalyst surface area and pore size distribution
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For Nafion®SAC-13, the measured BET surface area and pore volume were 221 ±
20 m2/g and 0.56 ± 0.01 ml/g, respectively (identical between experimental error for
ground and pellet forms of the catalyst). These results are in the range of previously
reported BET surface areas of 150 to 500 m2/g [11, 20]. Additionally, these results
compare well with the data provided by the manufacturer (200 m2/g and 0.60 ml/g). As
shown in Figure 3.2, Nafion®SAC-13 exhibited a bimodal distribution of the pores with
average pore diameters of 8 nm and 19 nm. Nafion®NR50, on the other hand, is known to
have a non-porous structure when dry [10, 21]; thus, it exhibited an extremely low

Incremental pore volume dV/dD (cm3g-1nm-1)

surface area (< 1 m2/g) in the unswelled state [11].
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Figure 3.2 Pore size distribution of Nafion®SAC-13 dried at 90°C.

3.3.1.2 Nafion® swelling properties
Here, only Nafion®NR50 was studied as it is difficult to distinguish between any
slight pore volume changes in the supported resin and the permanent pore volume of the
matrix in Nafion®SAC-13. The swelling properties of the dried Nafion® resin in different
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solvents (i.e., methanol, water, and triglyceride) were examined. Swelling in water was
investigated as it may be present in lower quality biodiesel feedstocks (prior or during
biodiesel synthesis). Since our final goal is to understand the kinetics of
transesterification of vegetable oils, a highly refined olive oil (acid value = 0.04). The
catalyst particle dimensions (obtained with a vernier caliper) and weights were measured
for several Nafion®NR50 cylindrical-shaped pellets before and after soaking them in the
pure solvent at 60°C (typical transesterification reaction temperature) until equilibrium
was reached. Irreversible swelling after cooling has been proved to be a good assumption
for this type of system [22]. The volume increase (∆V/V0) was measured and also
estimated using the relationship suggested by Affoune et al. [23] which considers that the
Nafion® and the solvent volumes are additive,
∆V/V0 = (msol/ρsol)/( mNafion/ρNafion)

(3.1)

where ∆V is the change in volume and V0 is the initial resin volume. The densities at
20°C of Nafion®, methanol, water, triacetin and olive oil used were 2.1, 0.79, 1, 1.15, and
0.92 g/cm3, respectively. The results obtained using Eqn. 3.1 and particle dimensions
were in good agreement (see Table 3.2), the volume increase was: methanol >> water >
triacetin ≈ olive oil. Comparable results have been obtained for Nafion 117 membranes
[22]. The resin treated in methanol resulted in the highest degree of swelling as a result of
physical-chemical changes (i.e., stretching of the polymer chains leading to higher
volumes). Water showed a moderate capability for swelling the resin, which is
advantageous from the standpoint of greater acid site accessibility. However, water may
also lower the acid strength of the active sites [24] or cause deactivation via hydrolysis
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(formation of sulfuric acid), as has been suggested for related sulfonic acid catalytic
materials (Amberlyst®15) [25]. It has been reported that mixtures of short-chain alcohols
and water cause a greater degree of swelling than either the short-chain alcohol or water
alone [22]. THF/water mixtures provide the greatest degree of swelling of the Nafion®
resin (as communicated by DuPont).

Table 3.2 Results and calculated values for Nafion®NR50 volume increase in different
solvents.
∆V/ V (%)
Solvent

Methanol
Water
Triacetin
Olive oil
a
b

∆l/la

∆d/db

46 ± 7
14 ± 0
1±7
5±5

47 ± 4
16 ± 3
5±9
2±5

Βased on
Pellet
dimensions
436 ± 108
60 ± 10
15 ± 29
9 ± 12

Based on
Eqn. (1)

429 ± 37
68 ± 1
20 ± 6
12 ± 8

From the
Literature
[22]
209
43
-

l = pellet length
d = pellet diameter

Both short-chain (triacetin) and long-chain (olive oil) triglycerides, showed
essentially no swelling capability for the perfluorinated resin; which is analogous to the
swelling characteristics obtained with free fatty acids, such as oleic acid [26]. A change
in color from transparent to dark amber was observed when Nafion®NR50 was soaked in
either short-chain or long-chain triglycerides, indicating the presence of possible side
reactions (formation of carbonaceous deposits).
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3.3.1.3 Concentration of acid sites
The initial sulfur content of the resins as determined by elemental analysis was
0.42 wt% and 3.02 wt% for Nafion®SAC-13 and Nafion®NR50, respectively. These
values were used to estimate the maximum potential number of available acid sites, as
there is one mole of H+ per mole of S (-CF2CF2SO3H). The acid site densities obtained
via this method were 131 µmole/g and 939 µmole/g for Nafion®SAC-13 and
Nafion®NR50, respectively.
The acid site density calculated from the titration method was 136 µmole/g for
Nafion®SAC-13 and 1,104 ± 7 µmole/g for Nafion®NR50; whereas, the acid sites
densities measured using pulsed NH3 chemisorption were 412 µmole/g for Nafion®SAC13 and 37 µmole/g for Nafion®NR50. Notice that there is a significant difference between
the acid site densities measured by titration and NH3 chemisorption methods for the two
catalysts. Interestingly, the number of acid sites measured using titration and elemental
analysis were in good agreement. Thus, this data suggests that pulse NH3 chemisorption
provides an overestimation of the real number of sites for Nafion®SAC-13, because of the
ability of silanol groups (on the SiO2 support) to weakly adsorb the titrating agent. To test
this hypothesis, the titration method was repeated leaving the catalyst in solution before
titrating with the aqueous NaOH solution (0.05 N). The number of sites measured using
this variation in the methodology was 495 ± 26 µmole/g, indicating that the earlier
suggestion about silanol groups having the ability to weakly adsorb titrating agents is
correct. Thus, the concentration of sites used in further calculations for Nafion®SAC-13
was 138 µeq H+/g. For Nafion®NR50 the large difference in number of sites measured by
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both methods can be explained by increased exposure of catalytic sites upon contacting
with water due to polymer swelling as shown in the previous section. The fact that NH3
pulse chemisorption measures such a low value for Nafion®NR50 (~ 4% of the expected
from the Nafion® sulfur content) is perfectly logical since there is no polymer swelling
when exposed to the gas phase. The NH3 acid site accessibility issue was recently
addressed by Siril et al. [27] when comparing macroporous Amberlyst®15 and gel-type
C100H (Purolite). These authors observed that NH3 adsorption measurements for geltype resins resulted in a prediction of less than 10% of the real acid site density, which
makes the value obtained by this means highly dependent on the catalyst particle size. A
summary of the measured acid site densities of the resin catalysts is given in Table 3.3.

Table 3.3 Reported and measured acid site densities.
Technique

Nafion®SAC-13
(µmole/g)

Nafion®NR50
(µmole/g)

Pulse ammonia chemisorption
S elemental analysis
Titration
TGA
Manufacturer

412a
131 ± 3
144 ± 7
138 ± 3
> 150

37 (not swelled)
939 ± 20
1,104 ± 7
> 800

a

overestimated due to adsorption on SiO2.

3.3.1.4 Thermogravimetric analysis
The catalyst resin load, thermal stability, and degradation behavior can be
determined using thermogravimetric analysis. Figure 3.3 shows the TGA results and the
rates of decomposition (derivative) for Nafion®NR50 and Nafion®SAC-13 under both
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UHP nitrogen and air (zero grade) atmospheres. For Nafion®NR50, TGA analysis
revealed that there was an initial weight loss (below 250°C), almost certainly due to the
loss of adsorbed water [27]. The thermal decomposition of the pure resin was complete,
upon being heated in nitrogen, by 580°C (Figure 3.3a); whereas, the resin was fully
decomposed by 540°C when air was used (Figure 3.3b). Note that the temperature for the
maximum rate of polymer decomposition was lowered about 105°C for Nafion®NR50
under the air environment. Thus, the presence of oxygen had a negative effect on catalyst
thermal stability.
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Figure 3.3 Weight loss and derivative of weight loss with respect to temperature: (a)
Nafion®NR50 in nitrogen, (b) Nafion®NR50 in air, (c) Nafion®SAC-13 in nitrogen, (d)
Nafion® SAC-13 in air.
Nafion®SAC-13 had an initial weight loss of about 2 wt% below 150°C (Figures
3.3c and 3.3d), which is attributable to the loss of adsorbed water. Comparison of the
initial (after weight loss due to moisture < 200°C) and final (after polymer
decomposition) sample weights suggests that the resin loading was about 14.7 wt.%,
which is in agreement with the loading range reported by the manufacturer (10 to 20
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wt.%). The decrease in weight for Nafion®SAC-13 observed at temperatures greater than
550°C (by comparison to the pure resin) is attributable to silica dehydroxylation, by loss
of water from surface silanol groups (Si-O-H). TGA results are in good agreement with
the previously reported thermal stability and degradation behavior of Nafion® [10, 11,
27].
The intrinsic thermal stability of the resin for both solid catalysts was found to be
the same, 280°C (< 5% resin loss). The temperature at which Nafion®SAC-13 structure
begins to collapse (according to manufacturer) is about 200°C. Therefore, Nafion®-based
catalysts cannot be calcined (especially in oxygen and for T > 200°C). Nevertheless, this
relatively high temperature stability makes Nafion® catalysts attractive for biodiesel
synthesis. The reaction temperatures utilized when using solid catalysts may have to be
higher than that for the traditional alkali-catalyzed ones (≤ 60°C) to compensate for the
slower reaction rate per weight of catalyst. For instance, reaction temperatures of 120°C,
200°C, and 250°C have been reported when using propylsulfonic acid-functionalized
silicas [18], mixed oxides (Al and Zn) [28], and WZ [29] catalysts, respectively. Reaction
temperatures below 250°C are desirable in order to avoid side reactions, such as alcohol
etherification [30]. Other solid resins, such as Amberlyst®15 have been shown to be
effective for catalyzing biodiesel forming reactions [15, 31]; however, the thermal
stability for these polystyrene-based ion-exchange resins is relatively poor (maximum
operating limit equal to 120°C).
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3.3.1.5 Scanning electron microscopy
A scanning electron microscopy image of Nafion®SAC-13 dried for analysis
shows the morphology of the porous silica matrix (Figure 3.4). The pseudo-spherical
particles of silica, which are approximately 3 to 6 nm in diameter, were present as
agglomerates having an overall diameter of about 20 to 60 nm. The formation of these
catalyst particle agglomerates was likely the result of the sample being dried for SEM
analysis. Thus, it can be expected that the size of these agglomerates in the reaction
media would have been smaller (if they existed at all) than those observed by SEM.
Similar images of these types of materials have been previously obtained using optical
microscopy, SEM, and TEM (resin and support) [10, 11].

200 nm
Figure 3.4 SEM of Nafion®SAC-13.

3.3.2 Diffusional resistances
In order to ensure that the observed kinetics were attributable to those of the
transesterification reaction and not the result of external or internal mass transfer
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limitations, reaction studies were conducted with varying degrees of agitation and for a
range of catalyst particle sizes. For all of these studies, the reactant mixture contained a
6:1 methanol-to-triacetin molar ratio and the reaction temperature was 60°C.

3.3.2.1 External diffusion
External mass transfer limitations on reaction rate were evaluated by conducting
reaction experiments at different agitation rates (N = 134, 394, 1283, and 2385 rpm). For
these studies, the catalyst particle size utilized was +200 mesh (<0.075 mm). The stirrer
speed beyond which there was no effect on reaction rate was considered to be the
minimum stirrer speed required to eliminate external diffusion effects. Results showed
that external diffusion control was negligible (less than 5%) for stirrer speeds greater than
800 rpm (Appendix C). For stirrer speeds greater than 1283 rpm, no external mass
transfer effects were observed. For all the reaction kinetic studies reported, a stirrer speed
of 1790 rpm was used. This high agitation speed ensured that the catalyst was well
distributed in the reactor, improved heat transfer within the solution, and reduced the
presence of dead zones. For this system, the Reynolds number can be estimated by
Re =

ρD 2 N

(3.2)

µ

where ρ is the density of the liquid (990 kg/m3), D is the impeller diameter (0.02 m), N is
the angular velocity of the impeller (29.8 rps), and µ is the viscosity of the liquid (8.7
x10-4 Pa.s) as measured using an Ubbelohde viscometer. For the conditions utilized, NRe
was equal to 13,578.
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3.3.2.2 Internal diffusion
The presence of internal diffusion limitations on reaction rate was examined for
the porous catalyst, Nafion®SAC-13. Samples having different average particle sizes
(0.075-0.75 mm) were utilized in the experiment. Neglecting any volume change with
reaction (liquid phase), the conversion of triacetin (X) is given by,
X = 1-CTG/CTG,0

(3.3)

where CTG and CTG,0 are the triacetin molar concentration at a particular time and
initially, respectively. Equivalent reaction conversions were achieved in the same amount
of time for systems having catalyst particles < 0.75 mm (Figure 3.5) even for conversions
< 10%.
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Figure 3.5 Variation of triacetin conversion with Nafion®SAC-13 particle size (CTA, 0 =
2.3 M and CMeOH, 0 = 13.8 M at 60°C and 2 wt% catalyst load).
This suggests that internal diffusion limitations were not important for any
particle size utilized in this study; however, the selectivity to final products (i.e., glycerol)
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was higher for the larger size catalyst particles. One speculative possibility is that the
glyceride molecules diffusing into the larger Nafion®SAC-13 particles had a greater
probability for the series reaction to occur before the glycerol-containing molecule
diffused back out of the catalyst particle. To avoid any internal mass transfer effects all
further reactions were carried out with catalyst particles > 200 mesh (<0.075 mm) for
Nafion®SAC-13 unless otherwise stated.

3.3.3.3 Effect of reactant pre-exposure on initial catalyst activity
Since the Nafion® physico-chemical properties are significantly affected by
activation conditions, namely reactant pre-exposure, a comparison of the initial
transesterification activity was investigated as a function of different reaction startups.
Insignificant initial reaction rate differences were observed for Nafion®SAC-13 (Figure
3.6), regardless of the order of mixing the catalyst with the reactants, due in large part to

Initial reaction rate (µmol/gcat-sec)

the higher dispersion of the Nafion® resin and the lack of need for polymer swelling.
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Figure 3.6 Effect of catalyst pre-swelling (in different solvents) prior to reaction on the
initial transesterification rate (conversion ≤ 10%) on a catalyst (a) weight basis (catalyst
loading = 2 wt%) and (b) site basis (Ccat, SAC-13 = 138 µmole/g and C cat ,NR50 = 939
µmole/g).
As one would expect from the pure perfluorinated resin swelling experiments, the
initial activity (on a weight basis) for Nafion®NR50 pre-contacted with the methanol
reactant was found to be substantially higher (4 - 5 times) than that for the dry catalyst
added directly to the reaction mixture. It can be inferred that the low activity observed
with the dry catalyst resulted from reaction occurring only on the outermost surface,
which at the beginning of the reaction presents only a moderate number of active sites.
However, it is not obvious why the catalyst pre-contacted with triacetin, where the degree
of resin swelling has been shown to be insignificant (Table 3.2), led to a similar reaction
rate as for the one pre-contacted with methanol. Similar observations have been obtained
for the preparation of monoglycerides; the reaction rate showed an enhancement by precontacting oleic acid with the resin (Amberlyst 31, Amberlyst 16, and K1481) before
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reaction with glycerol, even when the extent of swelling of these resins was shown to be
insignificant.
A more comprehensive comparison of the catalyst activities can be done on a rate
per site basis (TOF) rather than a rate/g catalyst basis (Figure 3.6b). One might expect
that TOFs on Nafion®SAC-13 and Nafion®NR50 would be similar since the active
materials are similar. The acid strength reported in the literature for Nafion®NR50 (H0 ~ 10 to -12 [33]) appears to be somewhat higher than that of Nafion®SAC-13 (H0 > -12
[10]), probably as a result of the interaction between the support silanol groups and the
highly dispersed resin [34]. Thus, if all potential sites are available it would be likely that
the TOF for Nafion®NR50 would be higher. This is not the case. In fact, the TOF is 6070% lower than Nafion®SAC-13. This leads us to suggest that, even with pre-contacting
with methanol or triacetin, many of the Nafion®NR50 sites are not available for reaction.
It is clear that a more efficient utilization of the resin sites, due to greater accessibility of
the reacting molecules to the active sites, is achieved when the resin is highly dispersed
as a nanocomposite (Nafion®SAC-13). The rate/g is higher for Nafion®NR50 since it has
so many more sites/g exposed, even though 60-70% appear not to be exposed (based on
TOFs) even with pre-contacting with methanol or triacetin.

3.3.4 Reaction rate expressions and activation energies
In order to determine an appropriate reaction model for the conversion of
triglycerides, Nafion®SAC-13 was used since it has been shown not to have the swelling
issues of Nafion®NR50. Reactant concentrations were varied while reaction temperature
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was held constant (60°C) to permit calculation of the apparent reaction orders with
respect to triacetin and methanol, α and β respectively. These reaction orders were
obtained by varying one reactant concentration (MeOH = 0.67 M - 5.2 M or TA = 1.2 M
-2.6 M) while keeping the other reactant concentration constant and in excess. The power
rate law model can be written as,
β
α
-r0 = kCcat CTG,
0 C MeOH,0

(3.4)

where k is the reaction rate constant and Ccat is the catalyst concentration (Ccat,SAC-13 = 2.7
meq H+/Lreaction volume). r0 represents the initial reaction rate (< 5% triacetin conversion),
CTG,0 and CMeOH,0 are the initial triglyceride and methanol concentrations, respectively.
The apparent reaction orders for the triglyceride (αSAC-13 = 0.90) and the alcohol
(β SAC-13 = 0.88) were calculated from the slopes of the fitted straight lines in Figure 3.7a
and 3.7b, with correlations of 0.99 and 0.98 for the fitted lines, respectively.
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Figure 3.7 Effect of reactant concentration on initial reaction rate (conversion ≤ 5%) at
60°C: (a) triacetin (CMeOH, 0 = 13.8 M) and (b) methanol (CTA, 0 = 2.3M).
Also, k can be determined from the y-intercept of the fitted lines and was
determined to be 0.069 ± 0.014 min-1mol-1.8L-1.8 for Nafion®SAC-13. For H2SO4
catalysis, both triacetin ( α H 2 SO 4 = 1.02) and methanol ( β H 2 SO 4 = 1.00) exhibited first
order behavior as expected from the hypothesized mechanism and the rate limiting step
[7] (goodness of fit in determining α and β was > 0.99). The value obtained for k using
C cat,H 2 SO 4 = 7.5 meq H+/ Lreaction volume was 0.064 ± 0.015 min-1mol-2L-2, which is similar to

that obtained for Nafion®SAC-13.
The effect of reaction temperature was investigated in the 30°C to 60°C
temperature range. The activation energies (Eapp) were estimated from the Arrhenius plots
shown in Figure 3.8. Eapp for the conversion of triacetin to diacetin using Nafion®SAC-13
was found to be 48.5 ± 1.6 kJ/mol, while the Eapp for the H2SO4 catalyzed reaction was
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46.1 ± 2.1 kJ/mol. This result corroborates our previous observation about the reaction
not being mass transfer limited when catalyzed by the nanocomposite.

ln k

-3

Nafion SAC-13
H2SO4

-4

-5

-6
3.00 3.05 3.10 3.15 3.20 3.25 3.30 3.35 3.40

1/T x 103 (K )
-1

Figure 3.8 Arrhenius plot for the transesterification of triacetin to diacetin using
Nafion®SAC-13 and H2SO4 catalysts. Temperature range 30°C-60°C and triacetin
conversion ≤ 10%.
3.3.5 Selective poisoning of Nafion®SAC-13 Brønsted acid sites
In order to obtain more insight into the acid-resin-catalyzed transesterification
mechanism, selective poisoning of the Brønsted acid sites in Nafion®SAC-13 was
performed using pyridine (an organic base) [32]. Prior to reaction, 1 g of Nafion®SAC-13
was added to a known concentration of pyridine in methanol. Poisoning was allowed to
proceed for 48 h at 60°C with continuous stirring (150 rpm) to guarantee equilibration of
the pyridine with the catalytic sites. Then the reaction was carried out. Results show that
the reaction rate dropped linearly with increasing pyridine concentration (Figure 3.9).
This result indicates that the rate limiting step involves a single reaction site.
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Figure 3.9 Selective poisoning of the Brønsted acid sites on Nafion®SAC-13 using
pyridine adsorption (CTA, 0 = 2.3 M and CMeOH, 0 = 13.8 M at 60°C and 2 wt% catalyst
load).
The pyridine poisoning experiments also confirmed the previously given
estimations of the concentration of active sites available on Nafion®SAC-13.
Examination of Figure 9 reveals that zero activity was manifested when the poison
concentration was equivalent to 2764 µeq H+/L, which is comparable (only 3% different)
to the estimated concentration of sites, 2680 µeq H+/L (Ccat, = 138 µeq H+/g), based on S
elemental analysis, site titration, and TGA (see Table 3.3).

3.3.6 Proposed mechanism for solid acid catalyzed transesterification of triglycerides
Although, the catalytic activity of solid acid catalysts like Amberlyst®15 [31], WZ
[29], SO4-/SnO2 and SZ [16] have been investigated for triglyceride transesterification in
recent years, the complexity of the vegetable oil mixtures used and the difficulty in
obtaining good initial rate data (due to 2-liquid phase behavior) [5] has made the study of
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the mechanistic pathway extremely challenging. In contrast, use of a model triglyceride
such as triacetin as the sole triglyceride for reaction in a detailed kinetic study permits us
to form a hypothesis about the solid acid-catalyzed transesterification mechanism.
It is generally accepted that homogeneous acid-catalyzed transesterification is
initiated via the protonation of the triglyceride carbonyl moiety, followed by the
nucleophilic attack of the alcohol to the protonated triglyceride, and finally proton
migration and breakdown of the intermediate (to form the diglyceride) [7, 33]. The cycle
is repeated for the intermediate products. Since the rate limiting step appears to be the
second one, both reaction orders (with respect to the glyceride and the alcohol) are equal
to one. However, in most investigations dealing with acid catalysis, a much larger excess
of methanol (>> 6:1 methanol: TG) is utilized to compensate for the slower reaction rate
[14]. As one may expect, under those conditions the apparent reaction order with respect
to methanol goes to zero (β → 0) [34].
Both Nafion®SAC-13 and H2SO4 catalysts possess only Brønsted acidity and
have similar acid site strengths based on the Hammett indicator method: H0,SAC-13 >-12,
and H 0,H 2SO 4 = -12 [10]. The fact that both reaction orders with respect to glyceride and
alcohol are close to first order for Nafion®SAC-13 is indicative that surface reaction is
the rate limiting step (RLS). In this study, the selective poisoning of sites with pyridine
provided evidence that the rate limiting step involves a single reaction site. Consequently,
there exist two possibilities: either the reaction proceeds via a protonated triglyceride or a
protonated alcohol intermediate. For the solid-acid-catalyzed esterification reaction, most
authors have found that the carboxylic acid first adsorbs on the catalytic surface and then
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reacts with bulk phase alcohol [35-38]. This mechanism discrimination procedure has led
us to suggest that the homogeneous and the heterogeneous catalyzed reactions are likely
following a similar mechanism. Hence, if we assume that the reaction pathway for the
conversion of triglyceride to diglyceride on Nafion®SAC-13 mainly resembles the
homogeneous one, then surface reaction between the protonated triglyceride and bulk
alcohol would be the RLS. Although, the mechanism for reaction requires the triglyceride
to first adsorb followed by an Eley-Rideal type reaction with methanol from the liquid
phase, the competitive adsorption on the reaction sites of the alcohol (i.e., methanol) must
also be included based on the order of reaction of methanol being < 1. Therefore, the
scheme for the conversion of triglycerides to diglycerides (neglecting the other reactions
in the series) can be represented by Table 3.4.

Table 3.4 Scheme for the conversion of triglycerides to diglycerides (neglecting the other
reactions in the series).
Step
(1) Triglyceride adsorption
(2) Methanol adsorption
(3) Surface reaction (RLS)
(4) Diglyceride desorption
Overall reaction

TG + S ↔ TG.S
MeOH + S ↔ MeOH.S
TG.S + MeOH → E.S + DG
E.S ↔ E + S
TG + 2 MeOH + S ↔ DG + E + MeOH.S

k (→)

k (←)

K = k/k-

kTG
kMeOH
ks
ke

k -TG
k -MeOH
k -s
k -e

KTG
KMeOH
Ks
Ke

Note: S represents the vacant acid sites, E denotes the ester (i.e., methyl acetate), TG.S, MeOH.S and E.S
designate the adsorbed species, K and k stand for the equilibrium and reaction rate constants, respectively.

Based on Langmuir-Hinshelwood kinetics with surface reaction being the RLS,
the observed reaction would be
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⎛
C C
rs = k s ⎜⎜ CTG⋅S C MeOH − E⋅S DG
Ks
⎝

⎞
⎟⎟
⎠

(3.5)

Initially, when the concentration of products can be neglected, Eqn. 3.5 reduces to
rs ,0 = k s (CTG .S C MeOH )

(3.6)

The concentrations of the adsorbed species can be obtained considering that the reaction
rate constant for the formation of the intermediates is large compared to the reaction rate
(rTG/kTG ≈ rMeOH/kMeOH ≈ 0, i.e., pseudo-equilibrium). Therefore,
CTG .S = K TG CTG C s

(3.7)

C MeOH .S = K MeOH C MeOH C s

(3.8)

Substituting Eqn. 3.7 into Eqn. 3.6 gives,
rs , 0 = k s (K TG CTG C s C MeOH )

(3.9)

Finally, the concentration of vacant sites (Cs) can be easily obtained from the site mass
balance to give:

rs ,0 =

k s C cat K TG CTG C MeOH
1 + K TG C TG + K MeOH C MeOH

(3.10)

Notice that Eqn. 3.10 deviates from the classical Eley-Rideal bimolecular expression
[39], as it includes the competitive methanol adsorption term (KMeOHCMeOH) in the
denominator. Further rearrangements of Eqn. 3.10 allow for the estimation of the
equilibrium constants by varying one reactant concentration and keeping the other
reactant concentration constant. The values obtained were KTG = 0.14 M-1 and KMeOH =
0.10 M-1, which are very similar, as expected from the reaction orders. In order to
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validate the proposed model, a different set of experimental data using Ccat = 3.1 meq/L
and reactants in stoichiometric proportion was carried out. Likewise, the ks value was
obtained from the y-intercept of the linearized equations derived from Eqn. 10 and was
estimated to be ks = 0.71 ± 0.04 L eq-1 min-1. In order to validate the proposed model, a
different set of experimental data was fit using Ccat = 0.016 eq H+/L, CTG = 0.63 M, and
CMeOH = 3.81 M. The solution of Eqn. 3.10 can be easily obtained using any ordinary
differential equations solver program, such as MATLAB and Polymath. Here, we used
Polymath 5.1 RKF45 function. As shown in Figure 3.10, the derived model (dashed line)
was able to effectively predict the experimental initial conversion of triacetin to diacetin.

2.82
Experimental Data
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Figure 3.10 Comparison of experimental data results for the conversion of triacetin to
diacetin to the model obtained using the proposed mechanistic pathway (reaction
temperature 60°C).
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3.3.7 Catalyst deactivation and reusability
Three consecutive 2 h transesterification reaction cycles were used to determine
the extent of Nafion®SAC-13 deactivation. In order to facilitate the recovery of the
catalyst, this was used in its pellet form. The variation in triacetin conversion and methyl
acetate yield between runs was insignificant as shown in Figure 3.11. The fact that the

catalyst showed the same activity through multiple cycles also indicates that the reaction
is truly heterogeneously catalyzed (i.e., no leaching out into the liquid phase of the
catalytic species). Nafion®SAC-13 was re-sieved after reaction and results indicated that
attrition was not significant during these runs. For the pure resin, Nafion®NR50 (added
dry to the reaction mixture), the catalytic activity increased after the first 2 h reaction

Triacetin conversion, X

cycle because of swelling [15].
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Figure 3.11 Nafion®SAC-13 activity during multiple triacetin transesterification reaction
cycles with decantation of the reaction mixture solvent between cycles: (a) triacetin
conversion and (b) methyl acetate yield.
3.4 Conclusions

In order to evaluate the possibility of replacing homogenous catalysts with solid
acids in the synthesis of biodiesel from free fatty acid-containing feedstocks, a
fundamental investigation of the kinetics of transesterification of triacetin with methanol
was carried out for perfluorinated resin catalysts and then compared to the kinetics of
H2SO4. The activity for transesterification of Nafion®NR50 was found to strongly depend
on the reactants accessibility to the acid sites. The pure resin exhibited the greatest degree
of swelling after pre-treating in methanol (relative to other components in the system)
thereby exposing more sites for reaction. On the other hand, Nafion®SAC-13 showed no
catalytic activity dependence on solvent pre-contacting and also a more efficient
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utilization of the resin acid sites (unrestricted accessibility of the reacting molecules to
the active sites).
Based on kinetic analysis, the similarities found between solid and liquid catalysts
(activation energies and reaction orders), and the variations in catalyst activity following
the selective poisoning of Brønsted acid sites in Nafion®SAC-13, a mechanistic pathway
similar to that for homogeneous acid catalysts was proposed. To the best of our
knowledge this is the first time a mechanism has been proposed for the solid-acidcatalyzed transesterification of triglycerides. This mechanism consists of a triglyceride
protonation step, followed by surface reaction between the protonated triglyceride and
liquid phase alcohol (which is the RLS), and a product desorption step. A deviation from
the classical Eley-Rideal bimolecular mechanistic expression is obtained due to
competitive adsorption of methanol on the resin acid sites. This mechanistic model was
shown to successfully predict the conversion of triglycerides to diglycerides. No catalyst
deactivation was found under the conditions of this study.
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CHAPTER 4
ESTERIFICATION AND TRANSESTERIFICATION ON TUNGSTATED
ZIRCONIA: EFFECT OF CALCINATION TEMPERATURE
[As published in Journal of Catalysis (2007) 247, 43-50]

Abstract

As part of ongoing efforts to investigate heterogeneous catalysts for biodiesel
synthesis, the catalytic activity of the strong solid acid tungstated zirconia (WZ) was
studied for the esterification of acetic acid (in both the gas and liquid phase) and the
transesterification of triacetin (a synthetic triglyceride in the liquid phase) with methanol.
Acetic acid and triacetin were used as model compounds for free fatty acids (FFAs) and
triglycerides, respectively. Complex mixtures of FFAs and triglycerides are typical
biodiesel precursors that are found in unrefined vegetable oils, animal fats, and waste
greases. The effect of calcination temperature (400°C-900°C) on the catalytic properties
of WZ was investigated with the goal of determining the optimum pretreatment
temperature and increasing the understanding of the nature of the active sites for
esterification and transesterification. Catalyst characterization by powder X-ray
diffraction, Raman spectroscopy, TGA, elemental analysis, and total BET surface area
allowed us to correlate the changes in catalyst physico-chemical properties with
calcination temperature. Ion-exchange/titration and NH3-TPD were used to characterize
the number and strength of the acid sites. Esterification and transesterification rates (on a

catalyst weight basis) increased with increasing surface WOx densities between 1.9 and
6.6 W-atoms nm-2 and then decreased for densities higher than 6.6 W-atoms nm-2. The
growth of WO3 crystalline species resulted in lower esterification and transesterification
rates consistent with a decrease in the number of active sites. For the catalyst that
exhibited the optimum catalytic activity (calcined at 800°C), selective poisoning of the
potential catalytic centers revealed that Brønsted sites play the major role in carrying out
these reactions.

4.1 Introduction

Environmental and economic considerations have made the production of
renewable resource fuels highly advantageous. Biodiesel has received particular attention
because it can be prepared from a variety of vegetable oils and animal fats and is readily
used in existing diesel engines. Biodiesel production costs could be further improved if
lower cost feedstocks, such as used cooking oils and animal fats, could be easily
converted. These feedstocks often contain significant quantities of free fatty acids (FFAs)
and water, which make them unsuitable for the existing homogeneous-alkaline-catalyzed
processes. Neutralization of FFAs can be carried out by the addition of excess alkali but
this leads to the formation of soaps and post-reaction separation problems. Thus, a
preferred pretreatment process for used cooking oils is an esterification process that
commonly employs a strong liquid acid catalyst, such as sulfuric acid [1-5]. However, the
use of this strong acid mandates the use of costly corrosion-resistant materials and
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neutralization of the reaction mixture following esterification before undergoing the
subsequent homogeneous base-catalyzed transesterification.
The use of solid acid catalysts offers many advantages over existing
homogeneous catalysts used in biodiesel synthesis [6]. For example, solid acid catalysts
have the ability to simultaneously catalyze transesterification and esterification reactions.
Among strong solid acid catalysts, sulfated zirconia (SZ) and Nafion® resin catalysts
have been shown to catalyze biodiesel forming reactions as efficiently as sulfuric acid on
a site-activity basis [7, 8]. Nevertheless, SZ is known to suffer significant deactivation
during liquid phase transesterification [7, 9], possibly due to sulfur leaching at even mild
temperatures (60°C). Nafion® resins (e.g., Nafion®SAC-13 and Nafion®NR50), on the
other hand, are effective in esterification and transesterification reactions [7, 8, 10-12]
and tend to maintain higher catalytic activities, especially when the water by-product is
stripped-off during reaction [12]. However, in order to preserve resin stability, the
temperature of operation must be kept below 280°C [8], and there is evidence that larger
reactant molecules lead to greater deactivation, perhaps due to entanglement with the
catalyst polymeric chains [11].
Supported tungsten oxide catalysts have recently received much attention because
of their acid properties and their ability to catalyze both esterification and
transesterification reactions that play a major role in biodiesel production [7, 13-15].
Furuta et al. [13] reported that soybean oil can be efficiently converted to methyl esters at
a reaction temperature of 250°C using tungstated zirconia alumina (WZA) calcined at
800°C. The addition of Al2O3 further stabilizes the tetragonal phase of the ZrO2 support
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and also prevents the growth of WO3 particles [16]. WZA was also suitable for the
esterification of n-octanoic acid, showing promise for its application in biodiesel
synthesis from lower quality feedstocks. In another study, the esterification of palmitic
acid with methanol on WZ was investigated [14]. These authors found correlations
between the conversion of palmitic acid, the acidity of WZ (as measured by NH3-TPD)
and the percentage of tetragonal phase of the ZrO2 support. More recently, we have
reported, based on turnover frequency (TOF) results, that WZ has a site activity
comparable to H2SO4 for catalyzing biodiesel-forming transesterification reactions [7].
Another advantage of WZ is that catalyst deactivation appears not to be rapid for
transesterification of triglycerides with methanol [7, 13].
Earlier studies have utilized this strong acid catalyst for a variety of reactions,
including alkane isomerization [17-21] and alcohol dehydration [22, 23]. More
fundamental studies of WZ have also examined how the nature of the active sites
influences the observed catalytic activity of the material [24-35]. Hino and Arata first
reported the formation of so-called “superacid sites” (H0 = -14.52) on WZ (13 wt% W)
for isomerization of butane and pentane as well as Friedel Craft acylations [17, 18] as a
function of preparation conditions and calcination temperatures. These authors found that
heating a combination of tungsten species and zirconium oxide to temperatures that
would create a tetragonal zirconia phase led to the formation of catalysts with higher
activity. Since then, many investigations have attempted to characterize the active sites
formed on WZ catalysts [24-35]. Iglesia and coworkers have extensively studied the
structural changes of WZ with calcination and tungsten loading [20, 22, 23, 31, 33, 36].
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These authors showed that turnover rates (for xylene isomerization and alcohol
dehydration) were solely a function of the tungsten surface density, which changes with
tungsten loading and calcination temperature. In spite of the great amount of literature
dealing with WZ surface catalytic properties, agreement on what constitutes the most
active sites has not yet been reached. However, it has been observed that the formation of
surface polymeric tungsten species correlates well with increases in WZ catalyst activity
[31].
The transesterification of triglycerides using acid catalysts has been little studied.
A major objective of the present study was to increase the understanding of the catalytic
activity of strong solid acids (WZ) for biodiesel-forming type reactions. Esterification of
acetic acid (gas and liquid phase) and transesterification of triacetin (liquid phase) with
methanol were utilized as probe reactions. Triacetin is a synthetic triglyceride-like
molecule that has the shortest possible alkyl chain length (a single –CH3 moiety in each
branch). Of particular interest was the effect of calcination temperature on WZ catalytic
activity for the transesterification of triglycerides, as to the best of our knowledge, no
previous publication has addressed this issue.

4.2 Experimental

4.2.1 Materials
Triacetin (99.5 wt%), methanol (99.9 wt%), acetic acid (99.7 wt%), methyl acetate (99
wt%), an acetins mixture (45wt% diacetin, 26 wt% monoacetin, 25 wt% triacetin, and 4
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wt% glycerol), pyridine (99.9%), and di-tert-butyl-pyridine (97%) were purchased from
Sigma-Aldrich and used as received. For GC analysis, ethanol (99.5 wt%) was used as a
solvent and toluene (99.8 wt%) as the internal standard and were obtained from Acros
Organics and Fisher Scientific, respectively. Amorphous tungstated zirconia hydroxide
precursor, XZO1251 (16 wt% WO3), was provided by Magnesium Electron, Inc. (MEI,
Manchester, UK). In order to activate the catalyst, WZ precursor samples were
dehydrated at 120°C for 1 h and then pretreated for 3 h under an air (zero grade)
atmosphere in a furnace for calcination temperatures between 400°C and 900°C.

4.2.2 Catalyst characterization
Elemental analysis for tungsten was performed using inductively coupled plasma
emission spectroscopy (Galbraith Laboratory, Knoxville, TN). Catalyst samples were
calcined at 700°C, 800°C, or 900°C prior to shipping to the external laboratory for
elemental analysis. Catalyst total surface area (SBET) was determined using a multipoint
BET method. Prior to SBET analysis, the catalyst samples were degassed at 200°C and 103

torr for 3 h. Adsorption measurements were carried out using UHP N2 at -196°C in a

Micromeritics ASAP 2020. Catalyst thermal stability and degradation behavior were
determined by thermogravimetric analysis using a Perkin-Elmer Pyris 1 TGA. Sample
weight changes were recorded as an amorphous WZ precursor sample (8 mg) was heated
at a rate of 20°C/min from room temperature to 1000°C under an atmosphere of air (zero
grade), similar to the catalyst calcination conditions. NH3-TPD was employed to
determine the acid site concentration and strength distribution of the WZ samples as
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described previously [7]. The number of acid sites was also estimated by using a method
that involved an aqueous ion-exchange step of the catalyst H+ ions with Na+ ions
followed by titration of the resulting solution [8]. Monochromatic powder X-ray
diffractograms were recorded in the 20°-70° 2θ range using an XDS 2000 (Scintag Inc.)
instrument. The diffractometer used Cu Kα radiation with a wavelength of λ =1.54 Å.
The Raman spectra of the calcined WZ samples were obtained at room temperature in an
air atmosphere. Raman measurements were carried out in a Renishaw Raman
Microspectrometer 100 equipped with a 26 mW He-Ne laser source (λ = 785 nm). The
spectral range from 0 to 3000 cm-1 was studied. The instrument was calibrated using a
standard silica reference (520 cm-1). GRAMS/32 software (Galactic Inc., Salem, NH) was
used to collect and analyze all spectra.

4.2.3 Reaction studies
4.2.3.1 Gas-phase esterification
Gas-phase esterification reactions were carried out in a flow differential glass
reactor (ID = 0.7 cm) at 120°C, operated close to atmospheric pressure. Prior to reaction,
the catalyst was mixed with an inert solid (0.02 g WZ/0.28 g α-Al2O3) and pretreated in
situ at 315°C under a moisture-free air flow for 2 h. The reaction system was then cooled
to the desired reaction temperature (120°C) in flowing helium, and a mixed gas stream
(120 cc/min) of acetic acid (HAc) and methanol vapor in helium from gas saturators was
introduced into the reactor (concentration of HAc and methanol of 0.40 mmol/L). An
equimolar ratio of 1:1 (HAc: methanol) was utilized because preliminary results showed
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that methanol exhibited a negative reaction order under these experimental conditions.
The concentrations of reactants at the reactor entrance and in the effluent stream were
analyzed using a Varian CP-3380 GC equipped with an FID detector. A Varian CPWAX
52CB fused silica capillary column (60 m x 0.53 mm x 1 µm) was used for analyte
separation. The injector and detector temperatures were set to 250°C and 280°C,
respectively. For analyte separation, the GC oven temperature was held at 40°C for 4
min; then ramped at a rate of 5°C/min to 50°C, where it was held constant for 1 min; and
finally ramped at 25°C/min to 180°C and held constant for 3.8 min. Initial reaction rates
were determined at 5 min time-on-stream (TOS).

4.2.3.2 Liquid-phase esterification and transesterification
Initial liquid-phase reaction rates were investigated using an isothermal, batch,
well-mixed (1790 rpm) Parr reactor (model 4590). For transesterification, the reagent
solution was poured into a 100 ml stainless steel reactor vessel. Then, the reactants were
heated to the desired temperature, and the solid catalyst (1g ≡ 2 wt%) was added shortly
after the reactor temperature reached the desired value. An analogous procedure was
utilized for liquid-phase esterification reactions; although, in order to prevent the
accumulation of water during reaction start-up (due to auto-catalysis) [37], acetic acid
and 1 g (2 wt%) of catalyst were heated to 60°C before methanol was added to the
mixture. For both esterification and transesterification experiments, 49 g of the reagent
solutions were utilized, and the reaction mixtures contained 100% excess of methanol (2x
stoichiometry) as is typical for biodiesel synthesis (to shift equilibrium to the desired
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ester products). Sample aliquots (0.1 ml) were withdrawn periodically from the reactor,
quenched to room temperature, and centrifuged in order to separate out the solid catalyst
and prevent further reaction. Reaction sample concentrations were determined using an
HP 6890 GC equipped with an FID as previously described [8]. Reactions were run for as
long as 2 h with initial rates determined from the concentration of diacetins and methyl
acetate profiles (limiting reactant conversion < 5%).

4.3 Results and discussion

4.3.1 Effect of calcination on WZ characteristics
The color of the catalyst changed from white to light yellow at high calcination
temperatures (≥ 800°C), which is a qualitative indication of the formation of crystalline
WO3 particles [31]. Thermogravimetric analysis of the uncalcined WZ precursor in air
showed a weight loss of about 14% by 500°C (Figure 4.1). This initial weight loss results
from a loss of physisorbed and structural water. There was no further weight loss from
500°C to 1000°C, indicating no W is lost from the surface at higher calcination
temperatures. Elemental analysis revealed that WZ samples calcined at 700°C, 800°C,
and 900°C had a tungsten loading of 13.4 wt% W, 13.3 wt% W, and 14.0 wt% W,
respectively. These values are within expected experimental error with an average of 13.6
± 0.4 wt% W.
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Figure 4.1 Thermogravimetric analysis of uncalcined WZ precursor under an air
atmosphere.
The evolution of properties, such as surface area and pore volume, with respect to
tungsten loading has been investigated previously [30]. Surface area decreased with
calcination temperature (Table 4.1) as a result of loss of surface area of the ZrO2
structure. For instance, after calcination at 900°C, the surface area was only about 20%
(58 m2/g) of that of the dehydrated precursor (325 m2/g). This loss in surface area is
significantly inhibited by the presence of WOx species [20, 24, 36]. Our results are in
good agreement with previously reported BET measurements for WZ [24, 35].
The effect of calcination temperature on the stability of the tetragonal phase of
ZrO2 was obtained using powder XRD of the calcined samples (Figure 5.2). The catalyst
calcined at 400°C presented broad peaks (at 20°-40° and 40°-70° 2θ) indicating the
presence of a somewhat X-ray amorphous structure and possibly the existence of very
small crystallites of tetragonal zirconia. At moderate calcination temperatures (500°C 800°C), the catalyst primarily contained the tetragonal phase of zirconia, t-ZrO2 (2θ
diffraction peaks at 30.17°, 35.31°, and 49.79°). Further increases in the calcination
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temperature above 750°C led to the formation of detectable bulk WO3-like species with
characteristic 2θ diffraction peaks at 23.12°, 23.59°, and 24.38°, which have been
reported to appear when the W saturation coverage is exceeded [20].
Table 4.1 Surface area, theoretical W surface density, surface acidity, and XRD phases
for WZ samples calcined at different temperatures.

Surface acidity
Calcination
T (°C)

100
400
500
600
650
700
750
800
850
900

BET
Surface
area
(m2/g) a

W surface
density
(W-atoms
nm-2)

324
235
174
114
97
86 b
72
68
59 b
58

1.9
2.6
3.9
4.6
5.2
6.2
6.6
7.5
7.7

XRD phases
NH3-TPD (µmol
NH3/g) c

Exchange/titration
(µmol/g) c

74
54
44
18

51
100
107
137
161
90
72

Somewhat amorphous
t-ZrO2
t-ZrO2
t-ZrO2
t-ZrO2
t-ZrO2
t-ZrO2, WO3
t-ZrO2, m-ZrO2, WO3
t-ZrO2, m-ZrO2, WO3

a

experimental error ± 3%.
estimated surface area (from the calcination temperature vs. surface area correlation).
c
experimental error ± 8%.
b

Above a calcination temperature of 850°C, the ZrO2 support was largely
tetragonal; however, the presence of the monoclinic phase of ZrO2 (2θ = 28.17° and
31.47°) was also detected. The expected phase transition from tetragonal to monoclinic
zirconia (m-ZrO2), as calcination temperature increased, was most likely inhibited by the
W surface density that helped to stabilize the tetragonal phase of ZrO2 [28].
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Figure 4.2 Powder X-ray diffraction patterns for WZ calcined at different temperatures.

Using the values of surface area (at each calcination temperature) and the average
W loading, it is possible to estimate nominal W surface densities [28, 29] (Table 4.1).
As a result of the loss in total surface area as calcination temperature increased,
the W oxide surface species undergo a transformation from monomeric to polymeric
species [31]. For the WZ used in this study, surface saturation coverage (as defined by
the formation of crystalline WO3 as determined by powder XRD [23, 28]) was achieved
at densities of 5-6 W-atoms nm-2, consistent with previous findings using similar
materials. However, this value does not seem to be an absolute and may well depend on
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the catalyst preparation conditions. For instance, Barton et al. [31] found the coexistence
of polytungstate and WO3 species at surface densities > 8 W-atoms nm-2.
Raman spectroscopy was used to identify molecular level structural changes in
the tungsten oxide overlayer and zirconium oxide support upon calcination. Figure 4.3

1278
1303

828
846
966
998

718
650

215

Intensity (a.u.)

274
328
384
478

807

gives the Raman spectra results for the calcined WZ samples.
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650°C
600°C
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400°C

200

400

600

800

1000

1200

1400

-1

Raman shift (cm )

Figure 4.3 Raman spectra of WZ calcined at different temperatures.

The assignment of Raman bands was made by comparison with reference
standards. Kilo et al. previously summarized the Raman frequencies corresponding to the
crystalline structures of the zirconia support [38]. Using this information, the bands at
310-330 cm-1, 470-475 cm-1, and 647-655 cm-1 were assigned to the tetragonal phase of
ZrO2 and were found to be stronger for samples calcined within the 600°C to 800°C
range. Only the sample calcined at 900°C exhibited a weak band ~ 384 cm-1 which is
distinctive of m-ZrO2. These observations are consistent with those obtained from
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powder XRD experiments. Table 4.2 provides a summary of the Raman bands
assignment for the tungsten oxide overlayer species.

Table 4.2 Raman bands assignment for tungsten oxide.
Species
WOx
terminal W=O
WO3

Raman shift (cm-1)
824, 1021
1019
990-1020
1001-1004
275d, 720b, 808s
274, 715, 807
721, 810
720, 807
804s

Ref.
[19]
[36]
[39]
[40]
[31]
[41]
[32]
[24]
[40]

Modes: (s) W-O stretching, (b) W-O bending, and (d) W-O-W deformation [31].

The symmetric stretching bands of the terminal W=O, characteristic of tungsten
species with various degrees of polymerization, progressively shifted from 846 cm-1
(600°C) and 966 cm-1 (400°C) to 828 cm-1 (750°C) and 994 cm-1 (900°C), respectively.
Kuba et al. [42] showed that the shifting Raman band in the region of 952-976 cm-1 is
only detectable when water is adsorbed on the catalyst surface, such as occurs here since
the measurement was not made in a controlled atmosphere. The up-shift in the 990-1020
cm-1 region has been associated with the transition from mono- to poly-tungsten species
as the W density increases [39]. The position of the Raman bands for crystalline WO3
appeared only for samples calcined at ≥ 800°C (bands at 273-275 cm-1, 717-720 cm-1, and
807-808 cm-1) in agreement with powder XRD results. Thus, the formation of crystalline
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WO3 was detectable at W surface densities above 6.6 W-atoms nm-2. At such high W
surface densities, the assignment of Raman bands becomes more complex because the
bands for WO3 crystalline structures tend to dominate the spectra and limit the detection
of other WOx species (band at 824 cm-1) [19]. Additionally, Raman bands in the
frequency range of 1303 cm-1 and 1278 cm-1 were detected only for samples calcined at
750°C and 800°C, respectively. No prior assignment of these bands was found because
previous analyses were typically reported only for the 0 to 1100 cm-1 range.
NH3-TPD was used to compare the acidic characteristics of the catalysts calcined
at 600°C, 700°C, 800°C and 900°C. NH3 is a strong non-site specific base (pKb ~ 5) that
under our experimental conditions titrates both surface Brønsted and Lewis acid sites.
The TPD profiles revealed the coexistence of a broad distribution of acid site strengths
(Appendix D). It was also found that total acid site concentration decreased with
calcination temperature (Table 4.1), which appeared to correlate with the loss of surface
area. Contrary to NH3 –TPD estimations, the number of acid sites determined by the ionexchange/titration method passed through a maximum for WZ calcined at 800°C (where
the W surface concentration was 6.6 W-atoms nm-2). A study by Naito et al. [29],
employing NH3-TPD with water vapor treatment for characterization of WZ acid sites,
found a maximum in the concentration of acid sites when the W surface concentration
was ca. 6.4 W-atoms nm-2 [29], in good agreement with our results obtained using the
aqueous ion-exchange/titration method.
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4.3.2 Effect of calcination temperature on esterification and transesterification
Figure 4.4 summarizes WZ initial activity results (conversion < 5%) as a function
of calcination temperature for acetic acid esterification (120°C, gas phase; and 60°C,
liquid phase) and triacetin transesterification (60°C, liquid-phase):
(4.1)

WZ
Triacetin + methanol ←⎯
⎯→ methyl acetate + diacetin (first step in the series)

(4.2)

Initial rate (µmole HAc/ gcat-s)

WZ
Acetic acid + methanol ←⎯
⎯→ methyl acetate + water

4

(a) gas-phase esterification

3
2
1
0

Initial rate (µmole HAc/ gcat-s)

400
20

600

700

800

900

800

900

(b) liquid-phase esterification

15
10
5
0
400
1.6

Initial rate (µmole TA/ gcat-s)

500

500

600

700

(c) liquid-phase transesterification

1.2

0.8

0.4

0.0
400

500

600

700

800

900

Calcination temperature, °C

Figure 4.4 Influence of calcination temperature on the activity for (a) gas-phase acetic
acid esterification (Trxn = 120°C), (b) liquid-phase acetic acid esterification (Trxn = 60°C),
and (c) liquid-phase triacetin transesterification (Trxn = 60°C).
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For liquid-phase acetic acid esterification, the autocatalysis contribution was
subtracted out [37]. The catalytic activities depended significantly on the calcination
temperature, and for all cases, the optimum calcination temperature was found to be
800°C. The existence of the same optimum calcination temperature for all reactions
indicates the relationship between catalyst physico-chemical properties, such as,
crystalline structure and molecular structure of the metal oxide overlayer and acid site
density and strength. Higher esterification and transesterification rates occurred on
samples with near saturation W surface densities (5-6 W-atoms nm-2 [20]), in other
words, a catalyst surface where the W atoms are still largely dispersed. Interestingly, the
formation of crystalline WO3 (about 800°C) did not have an immediate detrimental effect
on the catalyst activity, which is likely attributable to the continued presence of tungsten
oxide polymeric structures (as observed by Raman). It was only after a significant
disappearance of the heteropolyoxotungstate clusters (to form crystalline WO3) that the
decay in catalytic activity was observed, which suggests that the clusters were the
catalytically active sites.
The plot of the relative initial reaction rates (reaction rates for catalysts calcined at
T divided by the reaction rate observed with the catalyst calcined at 800°C) of
esterification and transesterification vs. WOx surface density is shown in Figure 4.5.
Clearly, the surface concentration of acid sites determined by the ion-exchange/titration
method (shown also in Figure 4.5) better predicts the catalyst activity than the values
obtained by NH3-TPD method (not plotted). In a related study, a variation of the regular
NH3-TPD methodology using water vapor treatment was also found to give a good
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prediction of the catalyst activity for skeletal isomerization of n-butane to isobutene on

Relative initial reaction rate

1.4
160

1.2
1.0

120

0.8
80
0.6
40

0.4
0.2

0
0

2

4

6

8

Surface concentration of acid sites
(µeq/gcat) (exchange/tritation method)

WZ [29].

10

WOX surface density (W atoms nm-2)

Figure 4.5 Relative catalytic activity (with respect to the activity of the catalyst calcined
at 800°C) for the relative activity for the esterification of acetic acid in the gas phase (-●-)
and the liquid phase (-○-), transesterification of triacetin (-▼-), and surface concentration
of acid sites determined by exchange-titration method (―♦―) as a function of the
surface concentration of tungsten atoms.
Ramu et al. [14] reported an optimum calcination temperature of 500°C for the
esterification of palmitic acid using a WZ catalyst that contained 5 wt% tungsten. These
authors concluded that higher catalytic activity was achieved when the catalyst consisted
of a tetragonal phase of ZrO2 and an X-ray amorphous form of WO3. Moreover, they
were able to correlate the catalyst activity to the percentage of tetragonal phase. Our
results are in qualitative agreement with this observation, in the sense that the formation
of what appears to be monoclinic ZrO2 (as detected using powder XRD and Raman)
coincides with the decrease in the esterification and transesterification rates. However,
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the optimum calcination temperature reported in this work is approximately 300°C
higher.
Iglesia et al. [20] found that the activity of WZ catalyst (12 wt% W) for the
skeletal isomerization of o-xylene to m- and p-xylene passed through a maximum at a
calcination temperature of ca. 825°C. These authors showed that maximum turnover rate
for this reaction was achieved at WOx densities of 10 W-atoms nm-2 (greater than
theoretical monolayer capacity). The catalytic activity of WOx species was proposed to be
controlled only by the WOx surface density. Similar results were obtained for 2-butanol
dehydration on WZ, where the rates reached a maximum value at WOx surface densities
of ~ 8.8 W-atoms nm-2 [22]. In the present study, the maximum initial reaction rates
results are consistent with these previous findings, in the sense that the growth of
polytungstate species at WOx surface densities slightly higher than a monolayer coverage
are required for the development of the maximum number of active sites.

4.3.3 Brønsted vs. Lewis acid sites
Of great importance to understand is the type of acid sites most active for
esterification

and

transesterification.

In

order

to

address

this

issue,

initial

transesterification rates were measured on WZ (calcined at 800°C) pre-exposed to
different amounts of organic bases. Brønsted acid sites were selectively saturated
overnight at 60°C (with agitation) using a 2,6-di-tert-butylpyridine (DTBPy)/methanol
solution [43, 44] prior to reaction. Similarly, a pyridine (Py)/methanol solution was
employed to poison both Brønsted and Lewis acid sites via protonation and coordination,
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respectively [22]. The amount of poison adsorbed by the catalyst was determined by
taking the difference in the amount of organic base added and that remaining in the liquid
adsorption mixture. No organic base desorption was detectable during the course of the
transesterification experiment (~1.5 h), indicating that the organic bases strongly
adsorbed on the acid sites of the catalyst.
Figure 4.6 shows the relative transesterification rate (rpoisoned/r

not poisoned)

as a

function of adsorbed organic titrant. Interestingly, overlapping of the two curves was
observed, indicating that only Brønsted acid sites were active for reaction carried out at
60°C.

No poison

Relative transesterification
rate (%)
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N

60
CH3

CH3
H3C

40

C

N

CH3

C

CH3

CH3

20
0
0
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100
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200

250

Adsorbed poison (µmol/g)

Figure 4.6 Relative involvement of WZ Brønsted and Lewis acid sites in the
transesterification of triacetin with methanol (Trxn = 60°C, Tcalc = 800°C).
This result is not obvious considering that recent investigations dealing with
homogeneous (metal carboxylic salts [45]) and heterogeneous (double-metal cyanide
complexes [46]) acid catalysts have reported that Lewis sites can effectively catalyze
both esterification and transesterification reactions. In the particular case of supported
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tungsten oxides, Iglesias’ group showed that the contribution from Lewis acidity may be
influenced by the nature of the support (ZrO2, Al2O3, SiO2 and SnO2) [22]. However,
using a calcination temperature of 750°C, WZ Brønsted acid sites were shown to be
solely responsible for catalyzing the dehydration of 2-butanol [23], in good agreement
with our present observations.
In order to corroborate that these reactions were predominantly carried out by
Brønsted acid sites on WZ800, selective poisoning of acid sites was also carried out
before the gas-phase esterification of acetic acid with methanol. After the in situ
dehydration of WZ800 at 315°C, a flow of DTBPy/He from a saturator was used to
poison all Brønsted acid sites (contact time = 2h [47]) before reaction. Figure 4.7 shows
that essentially all of the catalyst activity was lost after the catalyst was saturated with
DTBPy (that only poisoned Brønsted acid sites). Only a residual activity of ~ 3%
remained after saturation which is in good agreement with the activity loss observed in
the liquid-phase transesterification of triacetin. This result confirms our previous
suggestion that Brønsted acidity is primarily responsible for WZ activity for these
reactions.
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Figure 4.7 Comparison of the catalytic activity of WZ800 with no poison and after
saturation with DTBPy for the gas-phase esterification of acetic acid with methanol at
120°C.

4.3.4 Genesis of WZ Brønsted acid sites
This section deals with the examination of whether WZ800 Brønsted acid sites
originated in situ during reaction or were present after calcination. IR spectrum was
recorded for WZ800 (using Py as the adsorbate) to observe the types of acid sites present
in the sample. However, a clear distinction was not possible due to the broadness of the
bands (Appendix E). Therefore, an equilibrium adsorption experiment was performed,
where a 2 ± 0.1 mmol/L solution of DTBPy was used to poison the Brønsted acid sites on
WZ800 in the presence of MeOH, THF, or triacetin. In all cases at least two
determinations were made. Table 4.3 shows that the adsorption of the titrant (i.e.,
DTBPy) on the solid catalyst took place regardless of the liquid solvent employed.
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Table 4.3 Equilibrium adsorption of 2, 6-di-tert-butylpyridine (DTBPy) on WZ calcined
at 800°C for different solvents at 60°C.

Solvent

Equilibrated concentrations

CDTBPy, solvent
(mmol/L)
methanol
THF
triacetin
methanol + triacetin*

1.6 ± 0.02
1.0 ± 0.02
0.5 ± 0.05
0.6 ± 0.04

CDTBPy, WZ800
(µmol/g)
16.0 ± 3.4
47.2 ± 2.9
76.6 ± 2.7
66.0 ± 2.9

*Initial reaction mixture.

The differences in the concentration of adsorbed DTBPy on the catalyst (CDTBPy,
WZ800)

may be attributed to variations in the competitive adsorption on the sites (e.g.,

methanol is a weak base, THF may also exhibit an interaction with Brønsted sites [48]).
Although the results are not conclusive as to whether the reactants are able to modify the
WZ800 surface, since THF would no be expected to cause the formation of Brønsted
acidity, the fact that the catalyst adsorbed a considerable amount of DTBPy in the
presence of THF (47 µmol/g) indicates that some Brønsted sites were present even before
being exposed to the alcohol or triacetin.
Rehydration of Lewis acid sites by sorption of water can take place during
cooling of the calcined catalyst [49]. Since in this study moisture-free air was utilized
during calcination/cooling and the catalyst was then immediately added to the liquid, it is
reasonable to suggest that the majority of the Brønsted acid sites were present after
calcination rather than being formed by subsequent adsorption of water. In addition, for
the poisoning experiments of gas-phase esterification on WZ800, the catalyst was re-
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calcined at 350°C just before poisoning and reaction, which also points out the fact that
Brønsted sites were present after calcination.
The literature is controversial as to which types of sites are exhibited by WZ
calcined at high temperatures. For instance, Brei et al. [25] used transmission IR spectra
measurements to show that all Brønsted sites transformed into Lewis acid sites by a
calcination temperature ≥ 700°C. For other related solid acids, such as sulfated zirconia,
Brønsted acidity is believed to be present for calcination temperatures below 650°C [49].
A different point of view is taken by other investigators. For example, Larsen et al. [50]
observed that a WZ sample calcined at 800°C presented DRIFTS bands (1640 cm-1 and
1535 cm-1) corresponding to pyridine adsorbed on Brønsted acid sites. Moreover, Di
Gregorio and Keller [30] showed that during WZ calcination part of the Lewis sites can
be converted by condensation into Brønsted acidic sites. Soled et al. [51] found a similar
increase in Brønsted acidity for WO3 on γ-Al2O3 as calcination temperature increased
from 500°C to 950°C. Our results also point out the possibility that a large part of the
Brønsted sites are present even after calcination at 800°C.

4.4 Conclusions

The liquid-phase transesterification of triacetin with methanol at 60°C and the
esterification of acetic acid with methanol at 60°C (liquid phase) and 120°C (gas phase)
were investigated to characterize the effect of calcination temperature on tungstated
zirconia catalytic activity. Results showed a strong influence of calcination temperature

112

on the activity for both of these reactions. The most active form of WZ occurred at a
surface WOx density of 6.6 W-atoms nm-2, higher than that required for saturation
coverage (5-6 W-atoms nm-2). The increase in esterification and transesterification
catalytic activity coincided with the formation of polymeric tungsten species in the
presence of the tetragonal phase of the ZrO2 support. The activity drop at high WOx
surface densities (> 6.6 W-atoms nm-2) is attributed to the loss of active sites. Selective
poisoning experiments showed that Brønsted acid sites apparently contribute most of the
activity. The optimum calcination temperature for WZ was identical for all
transesterification and esterification conditions studied. The aqueous exchange-titration
method utilized for estimation of acid site density was better able to predict the catalytic
activity than the NH3-TPD method.
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CHAPTER 5
REACTION KINETICS AND MECHANISM FOR THE GAS- AND LIQUIDPHASE ESTERIFICATION OF ACETIC ACID WITH METHANOL ON
TUNGSTATED ZIRCONIA
[As submitted to I&EC Res. (May 2007)]

Abstract

A comprehensive kinetic investigation of the esterification of acetic acid with
methanol in both the gas and liquid phase was carried out from 21-140°C using
tungstated zirconia (WZ) as the catalyst. The goal of this study was to derive rate law
expressions and to propose a reaction mechanism that would support reaction rate data
for esterification on WZ. Upon increasing the concentration of acetic acid, an increase in
the rate of esterification was obtained at all reaction temperatures. In contrast, the
reaction order with respect to methanol evolved from positive to negative as the reaction
temperature increased. Using a model discrimination procedure, we found that a single
site (Eley-Rideal) mechanism with the adsorbed carboxylic acid reacting with the
methanol from the gas/liquid phase successfully describes these reactions. One important
conclusion of this study was that even though there were significant differences in the
power law exponents for gas and liquid phase esterification, the same reaction
mechanism can successfully describe both situations. We propose that the adsorption of
the carboxylic acid becomes the rate determining step (RDS) as the reaction temperature

increases. The RDS for lower esterification temperatures appears to be the nucleophilic
attack of the alcohol on the adsorbed/protonated acetic acid molecules. It was also found
that the catalytic activity of WZ was inhibited by water similarly to other strong acid
catalysts.

5.1 Introduction

Esterification reactions are of great industrial importance. A recent significant
application for this type of reaction has been in the preparation of biodiesel from “lower
quality feedstocks”, such as yellow greases, rendered animal fats, and trap greases that
contain a significant concentration of free fatty acids (carboxylic acids). Such low cost
feedstocks can be utilized for biodiesel production provided an upstream esterification
process is used to convert most of the carboxylic acids into biodiesel esters. This
esterification reaction routinely employs strong homogeneous acids (e.g., H2SO4) as
catalysts [1], which necessitates that additional separation and neutralization processes be
carried out before subsequent base-catalyzed transesterification processes. Therefore,
environmental and process economic factors favor the utilization of easily-isolated solid
acid catalysts for the esterification reactions [2-4].
To date, many investigations have addressed esterification reactions using
homogeneous and heterogeneous acid catalysts [2-26]. For homogeneous-catalyzed
esterification reactions, it is generally accepted that the reaction is initiated by the
protonation of the carbonyl oxygen of the carboxylic acid, followed by the nucleophilic

117

attack of an alcohol, and subsequent decomposition of the intermediate complex species
[2]. For solid acid catalysts, several studies have examined whether the carboxylic acid,
methanol, or both reactants need to adsorb on the catalyst surface for reaction to occur
[12, 13, 15, 17, 24-26]. For instance, Altiokka and Çitak [24] suggested that esterification
on Amberlite occurs between a protonated iso-butanol molecule and acetic acid from the
bulk phase. However, most authors agree that the esterification reaction on solid acids is
best described by a single site mechanism, where the carboxylic acid first adsorbs on the
catalytic site, followed by reaction with the alcohol from the bulk phase [12, 13, 20, 25,
26]. Koster et al. [13] used labeled reactants to demonstrate that gas-phase esterification
(125-200°C) on MCM-type catalysts proceeds through protonated acetic acid
(CH3COOH2+) not via protonated ethanol (CH3CH2OH2+). Kirumakki et al. [12] studied
the liquid-phase esterification of acetic acid with C3 and C4 alcohols over different
zeolites (Hβ, HY, and HZSM5) at 110-130°C. Their kinetic data also suggested that
esterification follows an Eley-Rideal (ER) pathway, where the alcohol reacts with the
adsorbed acetic acid. Likewise, Nijhuis et al.[25] found that an ER model was a better fit
than a dual site model for the liquid-phase esterification of hexanoic acid with 1-octanol
on on silica-supported Nafion® (SAC-13). An ER model has also been found in our
laboratory to successfully predict the liquid-phase esterification of acetic acid with
methanol on SAC-13 [26]. In that study, as the Brønsted acid sites (–SO3H moieties)
were selectively poisoned with pyridine, a linear decrease in the initial esterification rate
was observed, suggesting that the rate determining step involved only one site. Although
methanol appears to react from the fluid phase via an ER mechanism, it also can adsorb
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directly on the active sites, but the protonated nucleophile would be appear to be unable
to carry out the esterification reaction [26].
In this study, the esterification of a model carboxylic acid with methanol was
investigated in order to gain more insight into the kinetics and mechanism of this
reaction, important in biodiesel synthesis, on tungstated zirconia (WZ). Supported
tungsten oxide catalysts are attracting much attention for esterification and
transesterification because of their high acid site strength, mesoporous structure, and
thermal stability [21, 23, 27-30]. These catalytic materials have been shown to efficiently
catalyze the esterification of carboxylic acids, such as acetic [28, 31], n-octanoic [21, 27],
and palmitic [23, 30] acid with low molecular weight alcohols. Acetic acid (CH3COOH)
is ideal as a model compound for a wide-ranging study of esterification since it has a
moderate boiling point (b.p. 118°C), can be obtained in pure form, is totally miscible
with methanol, and its concentration is easily measured by standard analytical techniques
(e.g., GC). Structure-reactivity relationships can be used to estimate the esterification
reaction rate for larger carboxylic acids, which is known to decrease with increasing
hydrocarbon chain length [20, 32-38]. This work represents a comprehensive kinetic
study of esterification from 21-140°C and from the liquid to the gas phase.

5.2 Experimental

Commercially available tungstated zirconia amorphous hydroxide precursor,
XZO1251 (16 wt% WO3, +140 mesh) was donated by Magnesium Electron, Inc. (MEI,
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Manchester, UK). The precursor (XZO1251) was dehydrated at 120°C for 1 h followed
by activation at 700°C for 2-3 h under air (moisture free). This calcined catalyst
hereinafter will be referred to as WZ700. Catalyst total surface area, total BJH pore
volume, and average pore size were determined using nitrogen isotherms (-196°C) in a
Micromeritic ASAP 2020. Tungsten elemental analysis of WZ700 was carried out using
inductively coupled plasma emission spectroscopy (Galbraith Laboratory, Knoxville, TN,
USA). The acid site density was determined using an ion-exchange/titration method,
whereby WZ700 H+ ions were exchanged with Na+ ions followed by titration of the
aqueous solution with NaOH (0.05 N) [39].
In order to study the effect of particle size, the activated precursor (XZO1251)
calcined at 600°C (SGN_WZ600) in pellet form (Saint-Gobain NorPro, Stow, OH, USA)
was utilized. The pellets utilized were cylindrical shaped, with length = 4.30 mm and
diameter = 2.6 mm. The cylindrical pellets were ground using a porcelain mortar and
pestle. The ground catalyst was sieved to obtain different ranges of particle sizes: < 0.075
mm (+ 200 mesh), 0.075-0.108 mm (200-140 mesh), and 0.108-0.30 mm (140-50 mesh).
The sieved fractions were calcined using the procedure outlined above (same as WZ700)
to obtain a more active material (discussed later).
Acetic acid (99.7 wt%), anhydrous methanol (99.9 wt%), and methyl acetate (99
wt%) were obtained from Sigma-Aldrich and used without further purification.
Tetrahydrofuran (THF, 99.9 wt%) was utilized as an inert solvent and obtained from the
same vendor. In order to determine the effect of water on WZ700, HPLC grade water
(Acros Organics) was employed.
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Gas-phase esterification reactions were carried out in the temperature range of
100-140°C using a stainless steel differential reactor (ID = 0.7 cm). Two layers of quartz
wool were used to hold the solid catalyst bed in place. In order to obtain a differential
conversion and to minimize heat transfer effects and non-uniform flow, WZ700 was
mixed with an inert solid having negligible activity towards esterification (0.02 g
WZ700/0.28 g α-Al2O3). Then the solid mixture was pretreated in situ at 315°C under air
flow for 2 h in order to desorb/burn out any impurities. Subsequently, the reaction system
was cooled and then reheated to the desired reaction temperature (100 -140°C) under
flowing helium. A mixed gas stream of acetic acid and methanol vapor in helium (120
ml/min) coming from gas saturators was then introduced into the differential reactor. The
concentration of the input materials (reactor bypass) and methyl acetate was analyzed
using a Varian CP-3380 GC equipped with a CPWAX 52CB Varian fused silica capillary
column (60 m x 0.53 mm x 1 µm) and an FID detector using a temperature program
previously described [28].
Liquid-phase esterification was carried out using an isothermal, well-mixed (1790
rpm) Parr batch reactor (model 4590). The temperature range studied was 21-60°C.
Acetic acid and catalyst were mixed and heated to the reaction temperature, followed by
the addition of methanol to start the reaction. In order to find the apparent reaction orders,
THF was utilized as an inert diluent so that the concentration of one reactant could be
modified while keeping the total reaction volume constant. Reaction samples (~ 0.1 ml)
were periodically taken during reaction and their chemical composition determined as
previously described using an HP 6890 GC [39].
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5.3 Results

5.3.1 Catalyst characterization
The tungsten content of WZ700 was found to be 13.4 wt%, in good agreement
with the tungsten content reported by the manufacturer (15 wt%). WZ700 exhibited a
BET surface area, BJH pore volume, and average pore size of 95 m2/g, 0.14 cm3/g, and
53 Å, respectively. The BET surface areas of the pellet and powder forms of
SGN_WZ600 (as received) were essentially the same within experimental error, 126.5 ±
2.5 m2/g, consistent with the value provided by the pellet manufacturer (128 m2/g). The
estimated BJH pore volumes and average pore sizes were also essentially equivalent, 0.13
cm3/g and 42 Å, respectively. In a parallel study to the present one regarding the effect of
calcination temperature on WZ activity, we found that the formation of polymeric
tungsten species enhances the esterification rate. Therefore, the SGN_WZ600 sample was
re-calcined at 700°C (SGN_WZ700) to obtain an active material more comparable to
WZ700. After re-calcination, SGN_WZ700 exhibited equivalent structural properties to
WZ700. The BET surface area, BJH pore volume, and average pore size for
SGN_WZ700 were found to be 97 m2/g, 0.14 cm3/g, and 56 Å, respectively.
For both WZ700 and SGN_WZ700, powder XRD results indicated diffraction
peaks only for the tetragonal phase of ZrO2 [28]. Also, the characteristic peaks for
crystalline WO3 were not observed as is typical for this W loading and calcination
temperature [28]. For WZ700, the ion-exchange/titration method gave a total acid site
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concentration of 0.137 meq H+/g. We have shown that acid site concentrations
determined by this method better correlate to the catalytic activity [28].

5.3.2 Exclusion of mass transport effects
For gas-phase esterification, we have previously shown that heat and mass
diffusional limitations are negligible under the reaction conditions used here [31]. For
liquid phase esterification, the observed reaction rate was shown to be independent of
external diffusion limitations for stirrer speeds > 850 rpm [26]. An agitation rate of 1790
rpm was utilized for this study to rule out the presence of heat and mass transport
limitations. The effect of pore diffusion was examined by carrying out the reaction using
various particle sizes (see experimental). Figure 5.1 shows the results of the pore
diffusion experiments including the reaction rate for the pelleted catalyst.

Initial esterification rate
(mmol/Lmin)

40

30

20

10

0

<0.075

0.075-0.11

0.11-0.3

dp (mm)

Cylindrical
pellets*

Figure 5.1 Effect of catalyst particle size on the initial esterification rate of acetic acid
with methanol at 60 ± 1 °C. [*cylindrical pellet size: length = 4.30 ± 0.58 mm, diameter =
2.58 ± 0.09 mm (size estimated using a randomly selected 25 pellet sample)].
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Within experimental error, pore diffusion effects appeared to be negligible for
particle sizes ≤ 0.3 mm. Therefore, only particle sizes ≤ 0.11 mm were used for further
kinetic studies to ensure that the reaction rate observed would not be limited by internal
diffusion of the reactants in the catalyst pores.

5.3.3 Power law expressions and activation energies
5.3.3.1 Liquid phase reaction
a) Auto-catalysis
Prior to the liquid-phase kinetic studies using solid catalysts, control experiments
(solid catalyst free) were carried out so as to quantify the catalytic role of the weak
carboxylic acid (CH3COOH) in the reaction. The contribution from the stainless steel
walls of the reactor to catalysis was determined to be negligible by performing a control
experiment using a glass liner. Esterification reaction rates were determined from initial
reaction rate data (acetic acid conversion < 3%), where the slope of the methyl acetate
concentration vs. time plot was essentially linear in the 21-60°C temperature range.
Initially, since the concentration of products is low, any change in the reaction rate results
primarily from the forward reaction (i.e., esterification). Pöpken et al. [8] provided
evidence for auto-catalysis occurring via molecular acetic acid as opposed to via a fully
solvated proton. Since acetic acid esterification with methanol at low temperatures has
been found to be approximately first order in each of the two reactants and first order in
the catalyst (acetic acid)[8], an overall third-order power law expression can be used to
accurately describe the auto-catalyzed initial esterification rate as follows:

124

2
⎛ dC ⎞
-⎜ HAc ⎟ = r0 = k auto C HAc,0 C MeOH,0
dt
⎝
⎠0

(5.1)

where kauto denotes the esterification rate constant for auto-catalysis and CHAc,0 and
CMeOH,0 represent the initial molar concentrations of acetic acid and methanol,
respectively. The reaction rates and values of the auto-catalyzed esterification rate
constants are provided in Table 5.1.

Table 5.1 Initial auto-catalyzed reaction rate data for the liquid-phase esterification of
acetic acid and methanol obtained in the absence of the solid catalyst at different reaction
temperatures (CHAc,0 = 7.3 M and CMeOH,0 = 14.6 M).
T (°C)

r0 x 103
(mol L-1min-1) a

kauto x 106
(L2mole-1min-1) b

21
32
42
52
55
60

0.76
1.68
3.03
5.30
6.83
10.7

0.97
2.15
3.87
6.77
8.73
13.7

a
b

maximum error of the measurement ± 5%.
values obtained using Eqn. (2), maximum error of the estimation ± 9%.

At 60°C, kauto was determined to be 13.7 x 10-6 ± 1.2 x 10-6 mol-2L2min-1, in
excellent agreement with the literature [9]. The Arrhenius plot of the reaction results
(Figure 5.2) was used to obtain the apparent activation energy of the auto-catalyzed
reaction. Ea was found to be 53.1 ± 2.4 kJ/mol, lower than a previously reported
theoretical value (Ea = 73.6 kJ/mol in the 40-60°C temperature range[8]).
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Figure 5.2 Arrhenius plots for the liquid-phase esterification of acetic acid with methanol
using CH3COOH (auto-catalysis) and WZ700 (Ccat = 60 g/L) as catalyst in the 21°C60°C temperature range (initial reaction rate, r0, in mol L-1min-1).
b) Solid catalyzed esterification
In order to obtain accurate activation energies and reaction orders for the solidcatalyzed liquid-phase esterification reaction
H
CH 3 COOH + CH 3 OH ←⎯→
CH 3 COOCH3 + H 2 O ,
+

(5.2)

the contribution of auto-catalysis was subtracted from the observed initial reaction rate
as follows:
⎧ ⎛ dC HAc ⎞
⎫
2
α
β
⎟ − k auto C HAc,0 C MeOH,0 ⎬ =r 0 = k h C cat C HAc,
⎨-⎜
0 C MeOH,0
dt
⎠0
⎩⎝
⎭

(5.3)

where kh denotes the apparent reaction rate constant for the heterogeneous-catalyzed
esterification, Ccat is the concentration of the solid catalyst (Ccat = 18.5 g/L), and α and β
designate the apparent reaction orders with respect to acetic acid and methanol,
respectively. In order to prevent auto-catalysis in the liquid-phase during ramping to the
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desired reaction temperature, acetic acid, THF, and WZ700 were first heated to the
desired reaction temperature and then methanol added to the mixture. In the temperature
range studied for liquid-phase esterification (21-60°C), the contribution of auto-catalysis
was typically below 10% of the total conversion in the presence of WZ700 (unless the
concentration of acetic acid was very high). Figure 5.3 provides the initial liquid-phase
esterification rate data obtained at different reactant concentrations.

(a)

-4.4
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-5.6

40°C
60°C

-6.0
0.3

0.6
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2.1

ln (CHAc,0)
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(b)

ln (r0)
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3.0

ln (CMeOH,0)

Figure 5.3 Effect of reactant concentration on the initial liquid-phase esterification rate:
(a) CMeOH,0 = 14.6 M and (b) CHAc,0 = 2.5 M (r0 in units of mol L-1min-1).

127

For both reaction temperatures studied (40°C and 60°C), the reaction order with
respect to methanol (β) was found to be close to 1 (0.95 and 0.98, respectively) (see
Table 5.2). The values of α were also found to be positive, 0.61 ± 0.09 and 0.70 ± 0.09 at
reaction temperatures of 40°C and 60°C, respectively. The activation energy for WZ700catalyzed liquid-phase esterification was determined from an Arrhenius plot for the 2160°C temperature range to be 41.0 ± 2.4 kJ/mol (Figure 5.2). This value is somewhat
lower than those previously reported for other solid acid catalysts, such as Nafion®SAC13 (51.8 kJ/mol [26]) and Amberlyst®15 (61.5 kJ/mol [8]). However, none of these
studies took into account auto-catalysis.

Table 5.2 Apparent reaction orders with respect to acetic acid (α) and methanol (β) for
WZ700 at different reaction temperatures.
Reaction
temperature
(°C)

†
‡

α†

Phase

β†

Concentration range

Initially

SS‡

Initially

SS‡

HAc

MeOH

40
60

liquid
liquid

0.61
0.70

NA
NA

0.95
0.98

NA
NA

1.6-6.3 M
1.6-3.1 M

6.6-17.3 M
6.9-17.3 M

110
120
130

gas
gas
gas

0.86
0.74
0.69

0.86
0.72
1.20

0.28
-0.25
-0.58

0.31
-0.20
-0.38

0.4-0.6 mM
0.2-0.8 mM
0.4-0.6 mM

0.4-0.9 mM
0.2-0.8 mM
0.4-0.8 mM

Error of measurements ± 0.09.
SS: steady state (reaction order calculated from SS activity).
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5.3.3.2 Gas phase reaction
For gas-phase esterification, the auto-catalysis contribution was found to be
negligible, as expected from the low concentrations of acetic acid employed (CHAc
typically equal to 0.40 mmol/L). Thus, the second term on the left hand side of Eqn. (5.3)
can be neglected,
⎛ dC ⎞
α
β
-⎜ HAc ⎟ = r 0 = k h C cat C HAc,
0 C MeOH,0 .
⎝ dt ⎠ 0

(5.4)

The reaction rate results shown in Figure 5.4 were used to determine the orders of
reaction using Eqn. (5.4) (see Table 5.2). The reaction was positive order in acetic acid
(α) for the temperature range of 40-130 °C in both liquid and gas phase reactions. While
the value of α remained fairly constant (0.61-0.86 or 0.73 ± 0.13), the reaction order for
methanol (β) decreased with increasing temperature, going from ca. 1 to -0.58 ± 0.09.
The apparent reaction order results compare well with recently obtained gas-phase
esterification data using silica-supported Nafion® (SAC-13) acquired in our laboratory
[40]. For that catalyst, the reaction order with respect to methanol evolved from 0.2 to 0.9 as the esterification temperature increased from 90°C to 130°C. Similarly, Nijhuis et
al. [25] found that increasing the concentration of 1-octanol in the esterification of
hexanoic acid at 150°C resulted in a decrease in the reaction rate (apparent negative firstorder reaction in the alcohol).
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Figure 5.4 Effect of reactant concentration on the initial gas-phase esterification rate: (a)
CMeOH,0 = 0.4 mmol/L and (b) CHAc,0 = 0.4 mmol/L.
Reaction rates determined in the 100°C to 140°C temperature range were used to
obtain an Arrhenius plot for the gas-phase esterification of acetic acid (Figure 5.5). For
this set of experiments, an equimolar reactant ratio was employed (CHAc,0 = CMeOH,0 =
0.40 mmol/L).
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Figure 5.5 Arrhenius plot for the gas-phase esterification of acetic acid with methanol in
the 90°C-150°C temperature range using WZ700 (reaction rate in µmol gcat-1s-1).

Two distinctive slopes were calculated from the Arrhenius correlation,
corresponding to apparent activation energies of Ea, 100°C-120°C = 48.7 kJ/mol (comparable
to the liquid-phase one) and Ea, 120°C-140°C = 67.4 kJ/mol. Given the lack of heat (acetic
acid conversion < 7%) or mass transfer effects [31], the changes in apparent activation
energy together with the significant changes in apparent reaction order (as temperature
increase) suggest a change in the reaction mechanism or the rate limiting step (discussed
later).

5.3.4 Effect of water on tungstated zirconia catalytic activity
In order to investigate the effect of water on WZ700 catalytic activity, initial
liquid-phase esterification rates (60°C, acetic acid conversion < 10%) were collected
using different initial water concentrations. Since water is produced by the esterification
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reaction, the concentration of water (Cw) was estimated by taking the sum of the added
water concentration (Cw, a) and the average concentration of water produced by reaction:
(5.5)

C w = C w,a + C HAc x

where x is the average acetic acid conversion. Figure 5.6 shows that the conversion of
acetic acid after 1h of reaction decreased from about 10% conversion (for Cw = 0.14 M)
to 4% (for Cw = 2.85 M) with increasing water concentration.

12

HAc conversion (%)
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Cw = 0.51 M
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Figure 5.6 Effect of water on the catalytic activity of WZ700 for the esterification of
acetic acid with methanol at 60°C (Ccat = 1.09 g/54 ml, CHAc,0 = 3 M, and CMeOH,0 = 6 M).
For this set of experiments Ccat was 24.2 g/L, THF was used to keep reaction
volume constant to 30 ml, and acetic acid and methanol initial concentrations were 3 M
and 6 M, respectively. It has previously been shown that there is a negligible influence of
the reverse hydrolysis reaction on the initial esterification rate under the experimental
conditions utilized [9]. Therefore, the observed variations on the initial esterification rate
can be exclusively attributed to the impact of water on the solid catalyst [26].
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5.4 Discussion

It is well known that WZ may exhibit a complex surface consisting of polymeric
tungsten oxide species, crystalline WO3, and compounds formed by the interaction of
tungsten species with the zirconia support (Zr(WO4)2) depending on the preparation and
activation conditions [41]. In a parallel study to the present one regarding the effect of
calcination temperature on WZ activity, we concluded that esterification reactions are
primarily carried out by Brønsted acid sites on WZ (calcined at 800°C) [28]. Similar
results were obtained for the catalyst calcined at 700°C (WZ700) [31]. Therefore, the fact
that a single type of site dominates the macroscopic behavior enables us to model these
reactions as if they occur on an ideal surface consisting of only one type of active site.
Bearing this consideration in mind, simple mechanistic expressions for esterification can
be derived.

4.1 Esterification mechanism on tungstated zirconia
In this study, for completeness, all three possible esterification reaction
mechanisms were examined: (i) a single site mechanism with adsorbed alcohol reacting,
(ii) a single site mechanism with adsorbed carboxylic acid reacting, and (iii) a dual site
mechanism. The elementary reaction steps for these mechanisms are shown in Table 5.3.
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Table 5.3 Possible esterification reaction mechanisms on tungstated zirconia.

Step

Kj

k -j

Kj

(1) carboxylic acid ad/desorption

HAc + S ↔ HAc·S

kHAc

k -HAc

KHAc

(2) alcohol ad/desorption

MeOH + S ↔ MeOH·S

kMeOH

k -MeOH

KMeOH

(3) surface reaction

*

kR

k -R

KR

(4) water ad/desorption

H2O + S ↔ H2O·S

kw

k -w

Kw

(5) ester ad/desorption

MeAc + S ↔ MeAc·S

kMeAc

k -MeAc

KMeAc

HAc + MeOH·S ↔ MeAc·S + H2O

* i single site with adsorbed alcohol reacting:
ii single site with adsorbed carboxylic acid reacting:

HAc·S + MeOH ↔ MeAc·S + H2O

iii dual site adsorbed carboxylic acid and alcohol reacting:

HAc·S + MeOH·S ↔ MeAc·S + H2O·S

Note: S represents the vacant acid sites, MeAc denotes methyl acetate, HAc·S, MeOH·S, MeAc·S, and
H2O·S designate the adsorbed species. Kj, kj and k-j stand for the reaction or adsorption equilibrium
constant, forward reaction or adsorption rate constant and, reverse reaction or desorption rate constant,
respectively.

Since the orders of reaction for both acetic acid and methanol were determined to
be less than 1, the competitive adsorption of all species but THF (slightly polar solvent)
was considered in the analysis. The reaction rate expressions were derived using the
Langmuir-Hinshelwood (L-H) approach and are provided in Table 5.4.

Table 5.4 Reaction rate expressions for the potential esterification reaction mechanisms
derived using the Langmuir-Hinshelwood approach.

Mech.

(i)

RDS

a. adsorption of
MeOH

Reaction rate expression

⎛
K C C ⎞
k MeOH Ccat ⎜⎜ CMeOH − MeAc MeAc w ⎟⎟
K R K MeOH CHAc ⎠
⎝
rate =
K C C
1 + K HAcCHAc + K MeAcCMeAc + K wCw + MeAc MeAc w
K RCHAc
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Initial rate expression†

rate =

k MeOH Ccat C MeOH
1 + K HAc C HAc

Table 5.4 (Continued)
Mech.

(ii)

RDS

Reaction rate expression

c. desorption of
MeAc

⎞
⎛C
K K
C C
k MeAc C cat ⎜⎜ MeAc − R MeOH HAc MeOH ⎟⎟
K
C
w
⎠
⎝ MeAc
rate =
K R K MeOH C HAc C MeOH
1 + K HAc C HAc + K MeOH C MeOH + K w C w +
Cw

a. adsorption of
HAc

⎛
K C C ⎞
k HAc C cat ⎜⎜ C HAc − MeAc MeAc w ⎟⎟
K R K HAc C MeOH ⎠
⎝
rate =
K C C
1 + K MeOH C MeOH + K MeAc C MeAc + K w C w + MeAc MeAc w
K R C MeOH

b. surface
reaction

c. desorption of
MeAc

(iii)

⎛
K C C ⎞
k R C cat ⎜⎜ K HAc C HAc C MeOH − MeAc MeAc w ⎟⎟
KR
⎠
⎝
rate =
1 + K HAc C HAc + K MeOH C MeOH + K MeAc C MeAc + K w C w

rate = k MeAcCcat

rate =

rate =

⎞
⎛C
K K C C
k MeAc C cat ⎜⎜ MeAc − R HAc HAc MeOH ⎟⎟
Cw
⎠
⎝ K MeAc
rate =
K R K HAc C HAc C MeOH
1 + K HAc C HAc + K MeOH C MeOH + K w C w +
Cw

k HAc Ccat C HAc
1 + K MeOH C MeOH

k R Ccat K HAc C HAc C MeOH
1 + K HAc C HAc + K MeOH C MeOH

rate = k MeAc C cat

a. adsorption of
HAc

⎛
K MeAc C MeAc K w C w ⎞
⎟
k HAc C cat ⎜⎜ C HAc −
⎟
K
R K HAc K MeOH C MeOH ⎠
⎝
rate =
K MeAc C MeAc K w C w
1 + K MeOH C MeOH + K MeAc C MeAc + K w C w +
K R K MeOH C MeOH

rate =

k HAc Ccat C HAc
1 + K MeOH C MeOH

b. adsorption of
MeOH

⎛
K MeAc C MeAc K w C w ⎞
⎟
k MeOH C cat ⎜⎜ C MeOH −
⎟
K
R K MeOH K HAc C HAc ⎠
⎝
rate =
K C K C
1 + K HAc C HAc + K MeAc C MeAc + K w C w + MeAc MeAc w w
K R K HAc C HAc

rate =

k MeOH C cat C MeOH
1 + K HAc C HAc

c. surface
reaction

d. desorption of
H2O

⎞
K C K C
2⎛
k R C cat ⎜⎜ K HAc K MeOH C HAc C MeOH − w w MeAc MeAc ⎟⎟
KR
⎠
⎝
rate =
(1 + K HAc C HAc + K MeOH C MeOH + K w C w + K MeAc C MeAc )2

rate =
1 + K HAc C HAc

e. desorption of
MeAc

†

Initial rate expression†

⎞
⎛
K K K
C C
k w C cat ⎜⎜ C w − R HAc MeOH HAc MeOH ⎟⎟
K MeAc C MeAc
⎠
⎝
K R K HAc K MeOH C HAc C MeO
+ K MeOH C MeOH + K MeAc C MeAc +
K MeAc C MeAc

⎞
⎛
K K K
C C
k MeAc C cat ⎜⎜ C MeAc − R HAc MeOH HAc MeOH ⎟⎟
K
C
w
w
⎠
⎝
rate =
K R K HAc K MeOH C HAc C MeOH
1 + K HAc C HAc + K MeOH C MeOH + K w C w +
K wCw

Valid only for negligible Cw and CMeAc.
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2

rate =

k RCcat K HAc K MeOH CHAcCMeOH
(1 + K HAcCHAc + K MeOH CMeOH )2

rate = k w Ccat

rate = k MeAcCcat

To evaluate which is the most likely mechanism, a methodical comparison of
predicted reaction orders versus observed kinetics behavior was undertaken. Because the
observed methanol reaction order (β) was found to evolve from positive to negative
(Table 5.2) and mechanism i (single site methanol adsorbed) can not describe a negative
reaction order in methanol, this possibility was ruled out. On the other hand, mechanism
ii (single site acetic acid adsorbed) is able to not only explain a negative reaction order in
methanol but also the observed positive reaction order in acetic acid (see ii-a and ii-b)
and likewise for mechanism iii (dual site, see iii-a and iii-c). However, the plot of rate vs.
methanol concentration was linear and did not exhibit a maximum in rate [12] for the
reactant concentrations studied (Table 5.2). In addition, previous poisoning experiments
for acetic acid esterification on silica supported Nafion (SAC-13), a catalyst also with
Brønsted acidity, have not supported the existence of a dual site mechanism [26].
Therefore, we are led to conclude that mechanism iii does not accurately describe the
observed kinetics for esterification on solid acids or on WZ in particular.
The esterification reaction catalyzed by homogenous acids is known to proceed
via the protonation of the carboxylic acid species. Prior studies have also suggested that
solid-acid catalyzed esterification [12, 13, 20, 25, 26] proceeds via a single site
mechanism, where the acid is adsorbed on the solid acid surface.
To further check the suitability of mechanism ii (single site with adsorbed acetic
acid reacting), a more general expression for any extent of the reaction was derived
(similarly to previously proposed [42]) considering reaction steps 1 and 3ii (in Table 5.3)
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to be rate-limiting over the temperature range studied (as evidenced in the shift of the
power law dependence). Writing:
rate = r1 = k HAc C HAc C S − k − HAc C HAc⋅S

(5.6)

rate = r3 = k R C HAc⋅S C MeOH − k − R C MeAc⋅ S C w

(5.7)

where rn denotes the overall reaction rate of the n step (in Table 5.3). We know that at
steady-state r1 = r3 = rate. Considering all other reaction steps to be fast and therefore in
pseudo-equilibrium, rf2 ≈ rr2, rf4 ≈ rr4, rf5 ≈ rr5 (forward and reverse reactions are
approximately equal), then:
C MeOH ⋅S = K MeOH C MeOH C S

; C w⋅S = K wC w C S ; C MeAc⋅S = K MeAc C MeAc C S

(5.8a-c)

The concentration of adsorbed acetic acid can be obtained by equating (5.6) and (5.7),
and introducing Eqn. (5.8-c):
⎛ k C + k − R K MeAc C MeAc C w
C HAc⋅S = ⎜⎜ HAc HAc
k R C MeOH + k − HAc
⎝

⎞
⎟⎟C S
⎠

(5.9)

Further substitution of Eqn. (5.9) into Eqn. (5.6) and using the concentration of available
sites (CS) calculated from a site mass balance we obtain:

rate =

(k R C MeOH

⎛
C
C ⎞
k R k HAc C cat ⎜⎜ C HAc C MeOH − MeAc w ⎟⎟
Ke ⎠
⎝
(5.10)
⎛ k HAc C HAc + k − R K MeAc C MeAc C w
⎞
+ K MeOH C MeOH + K w C w + K MeAc C MeAc ⎟⎟
+ k − HAc )⎜⎜1 +
k R C MeOH + k − HAc
⎝
⎠

where Ke = KRKHAc/KMeAc. Initially, when the concentration of products is negligible,
Eqn. (5.10) reduces to:
rate =

k R k HAc C cat C HAc C MeOH

(k R C MeOH

⎛
k HAc C HAc
+ k − HAc )⎜⎜1 +
+ K MeOH C MeOH
⎝ k R C MeOH + k − HAc
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⎞
⎟
⎟
⎠

(5.11)

identical to the initial rate expression that can be derived using the pseudo-steady state
approximation [26, 40]. Now, we extend this analysis to the range of operating conditions
examined: low to high temperature.
For high temperature reaction (gas phase esterification) it appears, based on the
power law exponents, that acetic acid adsorption is controlling the kinetic behavior.
Under these conditions, it is reasonable to suggest that kHAcCHAc << (kRCMeOH + k

-HAc)

and Eqn. (5.11) can be approximated by:
rate =

k HAc k R Ccat CMeOH C HAc

(5.12)

(k−HAc + k RCMeOH )(1 + K MeOH C MeOH )

The rate data were fit to linearized forms of Eqn. (5.12) that required experiments
conducted either at a constant methanol concentration (CMeOH = 0.4 mmol/L),
rate =

(k−HAc

k HAc k R Ccat CMeOH
⋅ C HAc
+ k R CMeOH )(1 + K MeOH C MeOH )

(5.13)

or constant acetic acid concentration (CHAc = 0.4 mmol/L),
+ kR
k − HAc
k
K
k R K MeOH
1
1
=
⋅
+ − HAc MeOH
+
⋅ CMeOH .
rate k R k HAcCcat C HAc CMeOH
k R k HAcCcat C HAc
k R k HAcCcat C HAc

(5.14)

Eqn. (5.14) can be linearized since acetic acid adsorption is controlling and the reaction
terms are large compared to the adsorption/desorption terms; thus, the first term on the
right hand side of Eqn. (5.14) is small compared to the other two terms and can be
neglected. Therefore,
k
K
+ kR
k R K MeOH
1
= − HAc MeOH
+
⋅ CMeOH
rate
k R k HAcCcat C HAc
k R k HAcCcat C HAc

(5.15)

Table 5.5 provides the sum of square residuals (R2 values) for the reaction rate data
plotted according to Eqns. (13) and (15). The goodness of the fit of these equations at
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high reaction temperatures (120°C and 130°C) suggests that mechanism ii is suitable for
describing high temperature esterification kinetics in the gas phase. Under these
conditions, methanol may compete more strongly for active sites, making it less likely for
acetic acid to adsorb on the solid surface.

Table 5.5 Sum of square residuals for the kinetic data plotted according to linearized rate
expressions.
Reaction
temperature (°C)

40
60
110
120
130

R2
Eqn.
(5.13)

Eqn.
(5.15)

0.980
0.997
0.947
0.996
0.997

0.978
0.974
0.928†
0.992
0.997

Eqn.
(5.17)

0.978
0.995
0.982
0.982
0.999

Eqn.
(5.18)

0.996
0.992
0.982
0.986†
0.949†

†

The fit of the equation resulted in a negative slope, providing evidence for the unsuitability of the
particular equation to describe the kinetics of the reaction.

The kinetic data obtained at 110°C did not show a good correlation (R2 < 0.95)
using either of the previously derived linearizations, Eqn. (5.13) or Eqn. (5.15).
Evidently, the importance of the other terms in Eqn. (5.11) increase as the reaction
temperature decreases to the point where proton-donation from Brønsted acid sites (step
1) proceeds more rapidly than nucleophilic substitution (step 3). Under these conditions
both kHAc and k-HAc may be greater than kRCMeOH and Eqn. (5.11) reduces to the same
expression originally obtained using the L-H approach for surface reaction being the rate
determining step (RDS):
rate =

k R K HAcCcat CMeOH C HAc

(5.16)

(1 + K MeOH CMeOH + K HAcCHAc )
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Linearization of Eqn. (5.16) gives,
1 + K MeOH CMeOH
K HAc
1
1
=
⋅
+
rate k R K HAcCcat CMeOH C HAc k R K HAcCcat CMeOH

(5.17)

and
1 + K HAcC HAc
K MeOH
1
1
=
⋅
+
.
rate k R K HAcCcat C HAc CMeOH k R K HAcCcat C HAc

(5.18)

Plots of 1/rate vs. 1/Cx (x = MeOH, HAc), where the concentration of the other reactants
was held constant and only initial rates were used, provide poor correlations for
esterification carried out at 110°C-130°C (Table 5.5). In contrast, for low temperature
esterification (liquid-phase, 40°C and 60°C), both Eqns. (5.17) and (5.18) accurately
describe the observed rate behavior (Table 5.5). Therefore, at lower esterification
temperatures, it would appear that surface reaction dominates the kinetic behavior.

5.4.2 Effect of water on tungstated zirconia
Until this point we have discussed only the initial esterification rates; however,
one important issue with esterification is the formation of water. The presence of water
not only hinders the activity of the catalyst (as shown in Figure 5.6) but also has the
potential to lower the yield of the alkyl ester product (e.g., biodiesel) by shifting the
chemical equilibrium towards the formation of carboxylic acids [43].
The effect of water on WZ700 was compared to that effect reported for
Nafion®SAC-13 [26] under the same reaction conditions (liquid phase, 60°C). Both acid
catalysts possess comparable acid site densities (137 µeq/g and 130 µeq/g, respectively).
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As shown in Figure 5.7, both solid catalysts exhibited an analogous deactivation
within experimental error in the presence of water. The similar decrease in the
esterification rate is not surprising as it is known that these catalysts have similar acid
strengths. Liu et al. [9] previously suggested that for homogeneous-catalyzed
esterification, the decrease in the esterification rate with increasing water concentration
originates from the solvation of the acid catalyst proton (H2O---H+HSO4-), which results
in a decrease in acid strength.

Nafion®SAC-13
WZ700

r 0 /r 0 (C

w,a

= 0)

1.0
0.8
0.6
0.4
0.2
0.0
0.0

0.5

1.0

1.5

2.0

2.5

3.0

3.5

Water concentration (M)

Figure 5.7 Comparison of the effect of water on the initial esterification rate using
different acid catalysts. (Ccat = 1.09 g/54 ml, CHAc,0 = 3 M and CMeOH,0 = 6 M).
Experimental error ± 2%. The data for Nafion®SAC-13 is from ref. [26].
The value of the equilibrium constant obtained in this study was Ke = 5.26 ± 0.99,
comparable to those reported in the literature (e.g., Ke = 5.20 [44], and Ke = 5.65 [45]).
Hence, the maximum concentration of water that could be produced by reaction under the
experimental conditions was estimated to be 2.6 M. Thus, it can be concluded that only
35% of the catalyst activity would be available as reaction reaches chemical equilibrium
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(assuming no other deactivation). Baertsch et al. [46] also found that the presence of the
highest amount of water that could possibly be produced by reaction (2-butanol
dehydration carried out at 100°C on WZ calcined at 700°C) significantly reduced the
initial alcohol dehydration rate (by 90%).
In this work, the reaction configuration that allowed studying the effect of the
accumulation of water was the batch system. Also, at 60°C and below we found that the
reaction was strictly controlled by a single reaction step (surface reaction) as opposed to
the RDS transition found at higher reaction temperatures. Therefore, because of the
simpler rate expression at the lower temperatures, we can conveniently calculate relevant
kinetic parameters in the liquid phase. A linear least squares fit of the initial kinetic data
[Eqn. (5.17) and (5.18)] was used for the first estimation. For a reaction temperature of
40°C, the first estimate of kinetic parameters kR, KMeOH, and KHAc were determined to be
6±3 x 10-6 L gcat-1 min-1, 0.023 M-1, and 0.286 M-1, respectively. For a reaction
temperature of 60°C, the first estimate of kinetic parameters kR, KMeOH, and KHAc were
determined to be 10±5 x 10-6 L gcat-1min-1, 0.015 M-1, and 0.250 M-1, respectively. This
information was then used as the initial guess for obtaining the kinetic parameters for
Eqn. (5.11) using a non-linear regression procedure (L-M, Polymath 5.1). The results are
summarized in Table 5.6.
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Table 5.6 Kinetic parameters estimated for the esterification of acetic acid with methanol
in the liquid phase.
Parameter

40°C

60°C

units

kR
kHAc
k -HAc
KMeOH
KHAc= kHAc / k -HAc

4.2 x 10-5
11.2
56.9
0.01
0.20

10.3 x 10-5
20.6
103.1
0.08
0.20

L gcat-1min-1
L gcat-1min-1
mol gcat-1min-1
M-1
M-1

The catalytic activity inhibition by water can be expressed mathematically by
considering the competitive adsorption of water molecules on the active sites. Under
these reaction conditions (initial reaction with water added), Eqn. (5.10) can be
approximated by:
rate =

k R K HAcCcat CMeOH C HAc
(1 + K HAcCHAc + K MeOH CMeOH + K wCw )

(5.19)

The set of experiments with variable Cw and constant initial concentrations of acetic acid
(3 M) and methanol (6 M) can be now fitted to a linearized form of Eqn. (5.19) to obtain
the water adsorption equilibrium constant (Kw) as follows:
1 + K MeOH C MeOH + K HAc C HAc
Kw
1
=
+
Cw
rate
k R K HAc C cat C MeOH C HAc
k R K HAc C cat C MeOH C HAc

(5.20)

Using the slope/intercept ratio of Eqn. (5.20) and the estimated values of the reactant
adsorption equilibrium constants based on the initial rate measurements in the absence of
added water (Table 5.6), Kw was found to be 1.87 M-1, which indicates that even low
concentrations of water may appreciably impact the observed esterification rate.
However, WZ700 may be more resistant to water deactivation than other solid acids as

143

the value of Kw is lower than those reported for other acid catalysts, such as
Nafion®SAC-13 (Kw = 3.11 M-1 [26]) and Amberlite IR-120 (Kw = 3.20 M-1 [24]) at the
same reaction temperature (60°C).
Eqn. (5.21) provides a general expression over a wide range of conversion for the
esterification rate considering the effect of the reverse reaction under these conditions
(from Eqn. 5.10):
⎛
C C ⎞
k R K HAcCcat ⎜⎜ C MeOH C HAc − MeAc w ⎟⎟
Ke ⎠
⎝
rate =
(1 + K MeOH CMeOH + K HAcC HAc + K MeAcCMeAc + K wCw )

(5.21)

The contribution of the adsorption of the ester product has been previously shown
to be negligible (small KMeAc) [24, 26]. Thus, normally the term KMeAcCMeAc → 0. With
this simplification, Eqn. (21) reduces to:
⎛
C C ⎞
k R K HAc Ccat ⎜⎜ CMeOH C HAc − MeAc w ⎟⎟
Ke ⎠
⎝
rate =
(1 + K MeOH CMeOH + K HAcCHAc + K wCw )

(5.22)

In order to corroborate the suitability of the estimated kinetic parameters for
predicting liquid-phase esterification, Eqn. (5.22) was solved using the values provided in
Table 5.6, Ccat = 60 g/L, Ke = 5.26, CHAc,0 = 7.3 M, CMeOH,0 = 14.6 M, and Cw,0 = CMeAc,0 =
0 in Polymath 5.1 (RFK45 method). As shown in Figure 5.8, Eqn. (5.22) (dashed lines)
successfully predicts the results (open symbols) during the entire course of an
independent reaction experiment from 0-89% acetic acid conversion. This result confirms
our previous suggestion about the importance of the competitive adsorption of water
molecules (Kw/KHAc ~ 10) on the active sites.
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Figure 5.8 Esterification of acetic acid with methanol at 60°C with Ccat = 60 g/L.
Symbols: experimental data, dashed lines: Eqn. (5.22) prediction.
5.5 Conclusions

The kinetics of high (gas-phase) and low (liquid-phase) temperature esterification
of acetic acid with methanol catalyzed by tungstated zirconia were investigated. The
kinetic measurements were obtained under conditions where external and internal mass
limitations were able to be ruled out. In order to estimate accurate kinetic parameters, the
contribution of the weak carboxylic acid for catalyzing the esterification reaction in the
liquid phase was also examined. For liquid phase esterification, the activation energy for
the auto-catalyzed reaction was found to be 12 kJ/mol higher than the solid-catalyzed
one. For reaction temperatures at or below 110°C, an increase in either the concentration
of methanol or acetic acid was found to have a positive impact on the reaction rate,
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suggesting that surface reaction was the rate determining step. However, at temperatures
≥ 120°C a negative reaction order with respect to methanol indicated that the adsorption
of acetic acid became the rate limiting step in the reaction at high reaction temperatures,
perhaps due to increased competitive adsorption by the alcohol. For all reaction
temperatures, a single site mechanism, where the carboxylic acid is first protonated and
then reacts with the alcohol (from the fluid phase) was found suitable for describing the
experimental results. This indicates that there is essentially no difference between gas
(higher temperature) and liquid (lower temperature) phase esterification mechanisms. As
the esterification temperature increases, a shift in the rate determining step from
nucleophilic attack (by the alcohol on the adsorbed carboxylic acid) to carboxylic acid
adsorption on the catalyst surface would appear to occur. The effect of water on the
esterification of acetic acid with methanol was also addressed. As expected, the presence
of water decreased the esterification rate as a result of the competitive adsorption of water
molecules on the active sites.
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CHAPTER 6
ESTERIFICATION AND TRANSESTERIFICATION USING MODIFIEDZIRCONIA CATALYSTS

Abstract

In the present work, the activities of titania zirconia (TiZ), sulfated zirconia (SZ),
and tungstated zirconia (WZ) were investigated for the transesterification of triglycerides
and the esterification of carboxylic acids with ethanol. Reaction was carried out in a wellmixed batch reactor under mild conditions (75°C-120°C). The optimum calcination
temperatures for the SZ, WZ, and TiZ catalysts were found to be 500°C, 800°C, and
500°C, respectively. Sulfated zirconia was the most active catalyst (on a weight basis) for
both transesterification and esterification reactions. However, it exhibited significant
sulfur loss, which greatly reduced long term activity. Although the activity of the fresh
WZ catalyst was significantly lower than that of SZ, this catalyst was found to be the
most promising as it can be easily regenerated by simple re-calcination in air. Therefore,
WZ was investigated under simultaneous esterification and transesterification conditions
using a model mixture (44.7 wt% tricaprylin + 3.2 wt% oleic acid + 52.1 wt% ethanol).
As expected, esterification occurred at a much faster rate than transesterification.
However, under simultaneous reaction conditions, by virtue of the water being produced
and hydrolysis taking place the conversion of the triglycerides to ester products was
increased. Water produced by the esterification of oleic acid hydrolyzed the tricaprylin;
but, the resulting caprylic acid did not accumulate in the reaction mixture due to its rapid

esterification to ethyl caprylate. For the first time, the rate of hydrolysis/esterification +
transesterification of triglycerides was quantified and compared to that of the rate of
esterification of FFAs originally present in the reaction mixture. The activity results for
WZ indicate how biodiesel can be efficiently produced from free-fatty-acid-containing
feedstocks using a solid-acid-catalyzed pre-esterification step, and how a significant
fraction of the triglycerides can also be converted at the same time assisted by initial
hydrolysis with byproduct water from esterification.

6.1 Introduction

The need for near and long term sources of energy has motivated research on
alternative fuels, such as ethanol and biodiesel. The production of biodiesel in the United
States has been exponentially increasing during the past few years. For 2006, the US
reached an unprecedented industrial capacity of 250 Mgal/yr [1].
Biodiesel is commonly synthesized using well established homogeneous alkalicatalyzed (NaOH, KOH, and NaOCH3) transesterification methods. However, these
processes are suitable only for feedstocks containing low concentrations of water [2] and
free fatty acids (FFAs) [3], such as refined vegetable oils and refined animal fats. The
fact that these edible-grade feedstocks are also in great demand for food production limits
their utilization for the production of biodiesel [4]. Thus, the use of cheaper, recycled
feedstocks, such as yellow and brown greases, allows for increases in the production and
improvement in the economic outlook of biodiesel [5-16].
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According to recent reports, the US produces 0.7-1 Mtons/yr (183-261 Mgal/yr)
of yellow grease [9] at a price that is typically less than half of that of fresh soybean oil
[17]. These lower grade feedstocks, however, require varying levels of purification and
treatments before they can be efficiently converted into commercial grade fuels [5-16].
For instance, a preceding esterification step may be required to avoid saponification
reactions during later transesterification and at the same time to increase the reaction
yield by converting FFAs into biodiesel esters.
Some of the solid acid catalysts that have been investigated as potential
replacements for mineral acids in esterification and transesterification reactions are:
tungsten oxides [18-21], sulfated zirconia (SZ) [19, 22-24], Amberlyst®15 [19, 23, 25],
Lewatit GF 101, sulfonated saccharides [26-29], Nafion® resins [19, 23, 30-33], and
organosulfonic functionalized mesoporous silicas [34-37]. Even though solid acid
catalysts have been applied effectively in the esterification of carboxylic acids, the use of
these catalysts to obtain high conversion of triglycerides to biodiesel necessitates much
higher reaction temperatures than base catalysts because of their lower activity for
transesterification [18]. Some resins, such as Amberlyst®15, may be considered an
exception as these catalyst catalyze appreciably both esterification and transesterification
reactions under mild reactions conditions due to their high concentration of acid sites [19,
25]. However, thermal stability becomes an issue when resin-type catalysts are used at
higher temperatures (for higher reaction rates, reactive distillation applications, or
catalyst regeneration).
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In this study, we investigated the catalytic performance for esterification and
transesterification of three thermally robust solid catalysts: titania zirconia (TiZ), sulfated
zirconia (SZ), and tungstated zirconia (WZ). The use of these catalysts in biodiesel
applications has gained substantial interest in recent years [18, 22-24, 38, 39]. In addition,
catalyst reusability and regeneration were examined. A reaction rate comparison between
esterification and transesterification under simultaneous reaction conditions was also
carried out.

6.2 Experimental

6.2.1 Materials
Commercially available sulfated zirconia (XZO1249) and tungstated zirconia
(XZO1251) amorphous precursors were provided free of charge by Magnesium Electron,
Inc. (MEI, Manchester, UK). The amorphous titania zirconia precursor (Z-1184) was
donated by Daiichi Kigenso Kagaku Kogyo Co. (Tokyo, Japan). The amorphous samples
were dehydrated at 120°C for 1h and then calcined in a furnace at different reaction
temperatures (400°C-900°C) using flowing air.
Tricaprylin (glyceryl trioctanoate, 99%), oleic acid (99%), ethyl caprylate (GC
standard, 99%), ethyl oleate (GC standard, 98%), and anhydrous methanol solvent
(99.8%) were purchased from Sigma Aldrich. Caprylic acid (99%) was obtained from
MP Biomedicals Inc. Anhydrous ethanol (99.5%) was purchased from Acros Organics.
The use of ethanol as a reactant for esterification and transesterification may be found
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advantageous over methanol as it is readily produced from renewable sources (e.g., corn,
sugar cane) and is non-toxic. Toluene (HPLC grade) was used as an internal standard for
GC analysis and was obtained form Fisher Scientific. All chemicals were used as
received (i.e., no further purification was employed).

6.2.2 Catalyst characterization
Catalyst total surface area, pore volume, and pore size distribution (BJH method)
were determined using a multipoint BET method. Prior to the analysis, the catalyst
samples were degassed at 200°C under vacuum (0.02 mmHg) for 3 h. The measurements
were carried out in a Micromeritics ASAP 2020 using N2 at -196°C. Monochromatic
powder X-ray diffractograms were recorded in the 10°-90° 2θ range using an XDS 2000
instrument (Scintag Inc.). The diffractometer used Cu Kα radiation with a wavelength of
λ =1.54 Å. Elemental analyses for sulfur (on SZ) were performed using a LECO SC-432
DR Sulfur Analyzer whereby a weighted amount of sample (~0.01 g) is heated in oxygen
at ~1350°C and the resulting sulfur dioxide is analyzed using an IR detector (Galbraith
Laboratory, Knoxville, TN).

6.2.3 Reaction procedure and sample analysis
Reaction kinetics was investigated using an isothermal, batch, well-mixed reactor.
This reactor was either a sealed glass vial (2 ml) placed in an isothermal reactor shaker
(New Brunswick Innova model 4080) or a 50 ml Parr reactor (model 4590). Initially, the
reactants and catalyst were mixed at room temperature (the reactants formed a single
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liquid phase) and then heated to the desired reaction temperature (heating times varied
between 5-15 min). Table 6.1 provides detailed experimental conditions for each
experiment.

Table 6.1 Reaction experiments.
Experiment

CTCp,0
(M)

Cacid,0
(M)

CEtOH,0
(M)

Ccat
(g/ml)

Reaction
volume
(ml)

Reaction
temperature
(°C)

Transesterification of tricaprylin
Esterification of octanoic acid
Simultaneous transesterification of
tricaprylin and esterification of oleic
acid

1.2
0
0.76

0
3.5
0.093

7.1
6.9
9.1

0.10
0.08
0.09

1
1
25

75
75
75-120

Samples of 10 µL and 0.1 ml were taken periodically from the reactor shaker vials
and the Parr reactor, respectively. Prior to GC analysis, the solid catalyst was separated
from the reaction mixture by centrifugation to limit further reaction. The sample was
prepared by adding 10 µL of reaction mixture into 1 ml of anhydrous methanol that
contained 10 µL of toluene as internal standard. The liquid sample was then injected into
an HP 6890 GC equipped with an automatic injector, an EC-WAX column (30 m x 0.25
mm x 0.25 µm), and FID detector. The GC temperature program consisted of 3 min at
45°C, a ramp of 40°C/min to 180°C (hold for 5 min) and a ramp of 10°C/min to 270°C
(hold for 4.5 min).
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6.3 Results and discussion

6.3.1 Catalysts characterization
The physical properties of the zirconia-supported catalysts at different calcination
temperatures are summarized in Table 6.2.

Table 6.2 Physical properties of the catalysts
Property
Calcination
temperature
(°C)

BET surface
area (m2/g)‡

Pore volume
(cm3/g)‡

Average pore
diameter (nm)‡

TiZ

400
500
600
700
800
900

217
164
146
84
54
0.3

0.56
0.53
0.47
0.44
0.42
0.26

8.2
8.8
10.7
15.4
30.2
51.3

SZ

400
500
600
700
800
900

252
152
145
74
13
2

0.24
0.16
0.17
0.12
0.04
0.07

3.3
4.1
3.7
4.7
8.1
77.7

WZ†

400
500
600
700
800
900

235
174
114
86
68
58

0.14
-

7.3
-

Catalyst

†
‡

Data from reference [20].
Error of the measurement < ± 3%.
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The higher the calcination temperature, the lower the resulting surface area. The
structures of TiZ and SZ collapsed at a calcination temperature of 900°C. At that same
temperature, WZ still exhibited a surface area of 58 m2/g. The presence of the WOx
overlayer has been suggested to help maintain the high surface area of this zirconiasupported catalyst [40]. For all calcination temperatures used, the catalysts exhibited a
mesoporous or macroporous structure (pore diameter > 2 nm). This is critical in order to
minimize pore diffusion limitations of the bulky triglyceride molecules (believed to range
in diameter from 2-4 nm).
Figure 6.1 provides the powder XRD patterns for TiZ and SZ as a function of
calcination temperature. The XRD patterns for WZ have been reported elsewhere [20].
At a calcination temperature of 500°C, TiZ was still highly amorphous, whereas WZ and
SZ exhibited mainly the crystalline form of the tetragonal zirconia at calcination
temperatures ≥ 500°C but less than 850°C.

(a) TiZ
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(b) SZ
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Figure 6.1 Monochromatic powder XRD patterns for (a) TiZ and (b) SZ catalysts.

6.3.2 Effect of calcination temperature on catalyst activity
The catalytic activities of zirconia-supported catalysts can be significantly
affected by activation conditions, especially the calcination temperature. In order to
determine the effect of catalyst calcination temperature, the transesterification of
tricaprylin {[CH3(CH2)6COOCH2]2CHOCO(CH2)6CH3} with ethanol (a non-waterproducing reaction) was studied. Preliminary results in our laboratories have shown that
when studied under the same reaction conditions, tricaprylin (TCp) and real triglyceride
mixtures (e.g., soybean oil) show essentially no difference in reactivity. Thus, this model
system (tricaprylin + ethanol) was used because it facilitates the quantitative analysis of
the reaction mixture and improves the accuracy of rate measurements. Another advantage
of using this model mixture was that, under our experimental conditions, it formed a
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single liquid phase at the beginning of the reaction (i.e., there was no phase separation of
reactants, which might lead to external mass transport limitations).
As

shown

in

Figure

6.2,

the

optimum

calcination

temperature

for

transesterification for SZ was 500°C. For transesterification reactions, SZ catalysts have
been typically calcined at temperatures ranging between 500°C-650°C [19, 22, 23].
Comelli et al. [41] showed that past a calcination temperature of 750°C, the sulfur
concentration steadily decreases with increasing temperature. Calcination duration can
also affect the sulfur concentration and consequently the density of acid sites [42].
Therefore, it is not surprising that the SZ samples calcined at temperatures ≥ 700°C
showed very low catalytic activity. The loss of sulfur may also explain the decrease in
catalyst surface area as it has been demonstrated that sulfate ions stabilize the zirconia
structure and high surface area [41].

Ethyl caprylate yield (%)

10

TiZ
WZ
SZ

8
6
4
2
0
300

400
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600

700

800

900

1000

Calcination temperature (°C)

Figure 6.2 Effect of the calcination temperature on the activity of solid catalysts for the
transesterification of tricaprylin with ethanol (CTCp,0 = 1.2 M, CEtOH,0 = 7.1 M, Ccat = 0.10
g/ml T = 75°C, reaction time = 8 h). Ethyl caprylate (EtCp) yield (%) = CEtCp/ (3 x CTCp,0)
x 100.
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WZ exhibited an optimum calcination temperature of 800°C, which is in excellent
agreement with our recently reported findings [20]. For the WZ-catalyzed
transesterification of triacetin and esterification of acetic acid (both with methanol) the
highest catalytic activity resulted from calcination at 800°C, which coincides with the
presence of polymeric tungsten species and the tetragonal form of the ZrO2 support [20].
Brønsted acid sites were found to play the major role in the catalysis of these reactions,
either because Brønsted sites withstood the high calcination temperatures or surface rehydration occurred during catalyst cooling (with the residual water vapor environment)
[20]. However, as seen in Figure 6.2, the activity of the optimum form of WZ (WZ800)
was found to be ~10 times lower than that of the optimum form of SZ (SZ500).
The amorphous forms of TiZ (samples calcined at 400°C and 500°C) exhibited
the higher catalytic activities towards transesterification. Furuta et al. [38] has suggested
that the enhanced performance of amorphous titania zirconia for transesterification
reactions results from the amphoteric character of the material. TiZ400 and TiZ500
showed a somewhat greater activity than WZ800 (on a catalyst weight basis), while
SZ500 outperformed the amorphous forms of the supported-titania catalysts by ~ 5 times.

6.3.3 Catalyst reusability
The catalyst samples with the highest activities towards transesterification
(SZ500, WZ800, and TiZ500) were selected to study catalyst reusability. Preliminary
results using soybean oil had shown that regeneration temperatures ≤ 400°C were not
sufficient to remove the carbonaceous species formed on the catalyst surface
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(qualitatively assessed). Therefore, TiZ500 was used instead of TiZ400 in order to have a
consistent treatment (re-calcination temperature = 500°C).
Under mild reaction conditions, it is likely that the presence of product water
would have the most impact on catalyst deactivation [32, 43]. Therefore, in order to
better examine catalyst reusability, the esterification of caprylic acid (HCp) with ethanol
was studied. After each 4 h cycle, the catalyst was simply separated from the reaction
mixture by centrifugation/decantation and a fresh reaction mixture was added. After 5
cycles, the catalysts were regenerated using two treatments. For treatment 1 (T1), the
catalyst was just separated from the reaction mixture, washed once with ethanol, and
dried under partial vacuum (74.2 mm Hg) overnight at room temperature. For treatment 2
(T2), the catalyst was separated from the reaction mixture and washed with ethanol once.
Then, the catalyst was dried at 120°C for 1 h followed by re-calcination in air at 500°C
for 2h.
Figure 6.3 shows the caprylic acid conversion for five consecutive reaction cycles
(without treatment) and the catalyst performances after reactivation (via methods T1 and
T2). SZ500 exhibited the highest activity towards esterification, which compares
favorably

with

the

transesterification

results.

However,

different

from

the

transesterification results, the activity of TiZ500 for the first cycle was about half of that
of WZ800. After the 3rd reaction cycle, the activity of TiZ500 decreased to the point
where the major catalytic contribution was autocatalysis (dotted line). This would suggest
that TiZ500 acid site concentration and/or strength is lower than that of WZ800. If so,
then it is likely that base sites on TiZ were responsible for its better performance for
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transesterification (they would have been poisoned by the HCp during esterification).
Clearly, the TiZ catalyst was not comparable to WZ for esterification.

Caprylic acid conversion

0.7
0.6
0.5

SZ500
WZ800
TiZ500

*

0.4

T1

T2

0.3
0.2
0.1
0.0

*1

st

nd

2

3rd

4th

th

5

6th

6th

Reaction cycle

Figure 6.3 Catalyst reusability for the esterification of caprylic acid with ethanol at 75°C
(CHCp,0 = 3.5 M, CEtOH,0 = 6.9 M, Ccat = 0.08 g/ml, cycle time = 4 h). The dotted line
represents the caprylic acid conversion as a result of autocatalysis under the same
reaction conditions.
The activity of SZ500 decreased from 61% caprylic acid conversion (first cycle)
to 36% caprylic acid conversion (fifth cycle). The decrease in the reaction rate may be
attributed to sulfur leaching, poisoning (e.g., by water), pore filling or a combination of
these deactivation mechanisms. The loss of sulfur species has been long known to be an
issue with SZ catalysts. S leaching was assessed by pre-contacting SZ500 with ethanol
for 4h at 75°C; then the solid catalyst was separated out and caprylic acid added to the
ethanol (now without the solid catalyst). The result of a 4h reaction cycle of this mixture
without SZ is shown in Figure 6.3 (white asterisk on the first SZ500 bar). One would
expect that if the active species did not leach from the catalyst surface, then the resulting
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activity would be similar to that of autocatalysis. However, it is clear from the high
activity of the ‘treated ethanol’ (caprylic acid conversion = 58%) that the catalyst
underwent significant leaching. Jitputti et al. [22] found that sulfated zirconia was fully
deactivated after the first cycle of transesterification of palm kernel oil with methanol at
200°C. These authors successfully regenerated the catalyst by re-impregnating sulfuric
acid into the spent SZ catalyst followed by re-calcination at 500°C. In our study, neither
treatment 1 (T1) nor treatment 2 (T2) improved the activity of the SZ500 catalyst (see
Figure 3). After T2 the surface area, pore volume, and average pore diameter were 156.8
m2/g, 0.14 cm3/g, and 3.5 nm, respectively. Thus, the structural properties of the spent
SZ500 catalyst were essentially the same as those of the fresh SZ500 (Table 6.1),
indicating that pore filling was not the only mechanism of catalyst deactivation. On the
other hand, the sulfur content of the spent SZ500 after T2 was determined to be 1.67 wt%
(the fresh catalyst S content was 2.61 wt%). Hence, one might speculate that the highly
electronegative sulfate ions were lost from the catalyst as shown in Eqn. (6.1):
SO42 −
ZrO

2+
2

+ 2CH 3 CH 2 O − H + ↔ H 2 SO4 +

2CH 3 CH 2 O −

ZrO22 +

(6.1)

In the presence of WZ800, the conversion of caprylic acid decreased from 22%
(first cycle) to 13% (fifth cycle). Contrary to SZ500, the activity of WZ800 was
substantially recovered after regeneration method T2 (20% caprylic acid conversion after
4h). The surface area, pore volume, and average pore diameter of WZ800 after T2 were
62.5 m2/g, 0.14 cm3/g, and 6.5 nm, respectively (similar to the fresh WZ800). In the
leaching experiment for WZ800 in ethanol, the reaction of the ethanol with any leachate
resulted only in autocatalysis (black asterisk on the 1st cycle of WZ800 bar in Figure 6.3).
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Thus, all of these results indicate that no active species of W were leached out during
reaction.
These results suggest that WZ catalysts should be preferred over SZ catalysts
when long term use is required (such as with biodiesel production). This is true even
though sulfur-containing catalysts may be regenerated by re-impregnation with sulfuric
acid [22, 44] because the resulting sulfur content in the biodiesel produced may not be
acceptable, especially when used as an ultra-low-sulfur diesel fuel/additive [17].

3.4 Simultaneous esterification of oleic acid and transesterification of tricaprylin using
WZ800
Since WZ800 appears to be overall the best of the modified-zirconia catalysts (in
terms of an optimization of activity for transesterification and esterification, stability, and
regenerability), this catalyst was used to study reaction of a mixture of FFAs and
triglycerides. A model FFA-containing feedstock was simulated using 7 wt% oleic acid
in tricaprylin in order to obtain two distinctive esters (i.e., ethyl oleate and ethyl
caprylate). Both reactants can be obtained in the pure form and both give representative
rates of reaction to FFAs and triglycerides in vegetable oils like soybean oil. Oleic acid is
one of the most abundant carboxylic acids in vegetable oils. Also, the concentration of
oleic acid in yellow greases has been observed to increase as a result of degradation
reactions [45]. However, it is worthwhile noting that the selection of any free fatty acid
with an alkyl chain length ≥ 6 would give approximately the same kinetic result when
pore diffusion limitations are not an issue [30, 46].
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The conversion of oleic acid in the presence of tricaprylin at different reaction
temperatures is shown in Figure 6.4 (a). At 120°C the reaction was completed in less than
8h (no oleic acid could be detected by the GC). Although esterification is an equilibrium
reaction [47], ca. 100% oleic acid conversion was achieved as a result of the high
alcohol-to-carboxylic acid molar ratio employed (100/1, 100 x stoichiometry).
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Figure 6.4 Simultaneous reaction on WZ800 of oleic acid and of tricaprylin with ethanol
at different reaction temperatures: (a) ethyl oleate yield [ethyl oleate (EtOl) yield (%) =
CEtOl/ CHOl,0) x 100], (b) ethyl caprylate yield [EtCp yield (%) = CEtCp/ (3 xCTCp,0)x 100]
from TCp. CHOl,0 = 0.093 M, CEtOH,0 = 9.1 M, CTCp,0 = 0.76 M, Ccat = 0.085 g/ml, Pm = 0
MPa at 75°C, Pm = 0.28 MPa at 105°C, Pm = 0.45 MPa at 120°C).
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Since esterification is a much faster reaction than transesterification, previous
studies have simply ignored the conversion of the glycerides in the kinetic analysis [47].
However, as shown in Figure 6.4 (b), the conversion of the triglyceride at reaction
temperatures ≥ 105°C was significant under the experimental conditions employed. It
should be noted that the triglyceride can react by two routes: hydrolysis and
transesterification. The caprylic acid formed by hydrolysis of the triglyceride was fairly
constant during the course of the reaction and did not accumulate in the reaction mixture,
suggesting that it also underwent rapid esterification (Appendix F). Therefore, ethyl
caprylate yield is being reported rather than TCp conversion since that is the final and
desired product.
The initial oleic acid esterification rates were utilized to construct an Arrhenius
plot (Figure 6.5). Using this information an activation energy of 58.6 kJ/mol (14.0
kcal/mol) was obtained suggesting that the reaction was not diffusion-limited [30, 32,
43].
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Figure 6.5 Arrhenius plot for the esterification of oleic acid and ethanol on WZ800 (from
initial reaction rate data).
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The formation of ethyl caprylate (Figure 6.4b) results from the transesterification
of tricaprylin but also from the hydrolysis of tricaprylin and subsequent esterification of
caprylic acid. However, it is possible to calculate an overall activation energy from the
initial reaction rate data. The activation energy for the formation of ethyl caprylate was
found was 60.7 kJ/mol (14.5 kcal/mol), similar to that for the esterification of oleic acid
and also indicative of the lack of transport limitations.
Another interesting question that arises is how the rate of esterification varies
when the FFAs are the only reactant and when the FFAs are in a mixture with the
triglyceride. To answer this question one can account for concentration differences and
calculate, as a first approximation, a pseudo-second order rate constant using the initial
esterification rates. By this means, we obtained k’HOl = 7.9 x 10-5 L2 h-1 mol-1gcat-1 (FFA in
the mixture) and k’HCp = 9.4 x 10-5 L2 h-1 mol-1gcat-1 (pure FFA) for reaction at 75°C. The
esterification rate constant in the mixture was estimated to be slightly lower than the
esterification rate constant of the pure FFA. The lower esterification rate constant in the
mixture may be explained by considering the competitive adsorption of other molecules
present, such as HCp and TCp.
Analogously, the rate constant for the formation of ethyl caprylate from the
triglyceride can be compared. For pure transesterification (Figure 6.2) we estimated a
pseudo-second order reaction rate constant of k’TCp = 4.4 x 10 -6 L2 h-1 mol-1gcat-1 at 75°C.
In the mixture (TCp + HOl), k’TCp was found to be about two times higher, 8.7 x 10 -6 L2
h-1 mol-1gcat-1 at 75°C. This result provides further evidence that supports our previous
suggestion that the conversion of the triglyceride is enhanced in the simultaneous reaction
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with FFAs due to a parallel reaction pathway of triglyceride hydrolysis followed by
esterification.
As expected, the transesterification rate constant of tricaprylin at 75°C, k’TCp = 4.4
x 10

-6

L2 h-1 mol-1gcat-1 was found to be significantly lower (~ 20 times) than the

esterification rate constant of caprylic acid, k’HCp = 9.4 x 10-5 L2 h-1 mol-1gcat-1 at the same
temperature.

6.4 Conclusions

The activities of three modified-zirconias (titania zirconia, sulfated zirconia, and
tungstated zirconia) were evaluated for both esterification and transesterification
reactions. Although the fresh sulfated zirconia (SZ) catalyst was found to be the most
active for these reactions, its activity was not easily regenerated. On the other hand,
titania zirconia (TiZ) was found to have a greater activity for transesterification than
tungstated zirconia (WZ). However, the opposite result was found for esterification. The
higher activity of TiZ towards transesterification is suggested to be due to its base sites,
which were likely poisoned in the presence of the carboxylic acid during esterification.
WZ was found to be the most suitable of these catalysts for carrying out these reactions
as it is more active than TiZ for esterification and can be more easily regenerated than SZ
by simple re-calcination in air. Based on the activation energy results, these reactions did
not appear pore diffusion-limited at the reaction conditions employed (T ≤ 120°C). For
reaction of a FFA (oleic acid) and a triglyceride (tricaprylin) on WZ, conversion of both
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reactants occurred simultaneously. The conversion of tricaprylin proceeds not only by
transesterification but also by hydrolysis (due to the by product water from esterification
of oleic acid) followed by esterification.
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CHAPTER 7
SUMMARY AND RECOMMENDATIONS

7.1 Summary

As a first step, different solid catalysts were investigated for the transesterification
of triacetin with methanol (Chapter 2). On a wt. % basis, the acid catalysts exhibited the
following order of reactivity: H2SO4 > Amberlyst-15 > sulfated zirconia (SZ) > Nafion
NR50 > tungstated zirconia (WZ) > supported phosphoric acid > Hβ zeolite > ETS-10-H.
When the catalytic reactivity of the most active catalyst was compared on a per ‘active
site’ basis we found the order of reactivity to be: Nafion NR50 > SZ ≈ H2SO4 > WZ >
Amberlyst-15. The significance of this last result is that the acid site strength conforms to
the reactivity and only the concentration of acid sites makes solid acid catalysts appear
much less active than the homogeneous counterpart, sulfuric acid, when compared on a
weight basis [1].
Soon after these results were reported in Applied Catalysis A: Gen., Kiss et al. [2]
reported the exact same sequence of catalyst activity for the liquid-phase esterification of
dodecanoic acid with 2-ethylhexanol at higher reaction temperatures (130°C-150°C).
These authors supported our previously found results by reporting the following order of
reactivity (on a catalyst weight basis): H2SO4 > Amberlyst-15 > sulfated zirconia (SZ) >
Nafion. In our study, the activity results using Hβ zeolite revealed that in order for solid
catalysts to be effective for reacting bulkier organic molecules (i.e., glyceryl esters),

accessibility to the active sites must be attained [1]. Although, carboxylic acids may have
less of a steric hindrance than glyceryl esters, Kiss and coworkers [2] also found that the
reactivity of different strong zeolites (such as H-ZSM-5, Y, and β) was infective for the
esterification of dodecanoic acid with 2-ethylhexanol due to pore accessibility issues.
Catalyst acid strength and pore accessibility were found to be critical
characteristics for esterification and transesterification catalysts. Other key factors
considered were catalyst surface hydrophobicity, reusability, ease of regeneration, and
thermal stability. For these reasons, Nafion® resins (Chapter 3) and WZ (Chapters 4, 5,
and 6) were chosen for the following investigations.
A fundamental investigation of solid-acid-catalyzed transesterification kinetics
investigation was carried out (Chapter 3). Two strong acidic resins, Nafion®NR50 and
Nafion®SAC-13 (Nafion®/silica nanocomposite), were utilized for the transesterification
of triacetin with methanol. Because of swelling issues and internal diffusion of reactants
within the catalyst, we utilized only Nafion®SAC-13 for the estimation of accurate
kinetic parameters. Many similarities were found with the transesterification reactions
catalyzed by Nafion®SAC-13 and sulfuric acid, such as reaction orders and activation
energies. Also, pyridine poisoning experiments revealed that only one site was
participating in the rate limiting step. Based on this result as well as the reaction orders
determined and reaction experiments involving pre-adsorption of reactants, we proposed
an Eley-Rideal type reaction mechanism analogous to the homogeneous catalyzed one.
This mechanism consists of a glyceryl ester protonation step, followed by a surface
reaction between the protonated glyceryl ester and liquid-phase alcohol (which is the rate
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determining step) and then a product (ester) desorption step. To the best of our
knowledge, this was the first time that a mechanistic pathway was proposed for the solid
acid-catalyzed transesterification of triglyceride-like molecules [3].
Following the above study, the effect of carbon chain length on transesterification
reactions was investigated. Triacetin is the smallest conceivable triglyceride-like
molecule, as it contains a single –CH3 moiety on each carboxylate branch of the glycerol
backbone. However, real triglyceride mixtures contain glyceryl esters with carbon chain
lengths varying in the range of 4-24 carbons. The reactivity of Nafion®SAC-13 decreased
as the hydrocarbon chain length increased. The activity of Nafion®SAC-13 for the
transesterification of triolein (C18:1) and soybean oil was found to be negligible. In
contrast, WZ was found to be active in mixtures of larger triglycerides.
Because of its great versatility, WZ was investigated in more detail. The
optimization of the activation conditions of WZ was investigated prior to our study for
other type of reactions. Chapter 4 basically dealt with the optimization of WZ calcination
temperature for optimal activity for esterification and transesterification. We found that
the optimum calcination temperature for both esterification and transesterification was
800°C. Characterization results were utilized in order to correlate the catalyst activity to
the surface properties. The increase in esterification and transesterification catalytic
activity likely coincided with the formation of polymeric tungsten species in the presence
of the tetragonal phase of the ZrO2 support [4].
There is an abundant amount of literature on esterification reactions. Two separate
publications, one by Liu et al. [5] in 2006 and the other one by Suwannakarn et al. [6]
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submitted for publication in April 2007, dealt with the mechanism of esterification of
acetic acid with methanol on Nafion®SAC-13 in the liquid and gas phase, respectively.
However, a combined description of the solid-acid-catalyzed esterification mechanism in
the liquid and gas phases has not yet been reported. Ongoing studies also suggest that
Nafion®SAC-13 suffers significant deactivation as a result of reacting molecules
becoming entangled with the polymeric acid [7]. Therefore, we utilized WZ in our study
of esterification mechanism (Chapter 5). For reaction temperatures at or below 110°C, an
increase in either the concentration of methanol or acetic acid was found to have a
positive impact on the esterification rate, which suggested that surface reaction was the
rate determining step (RDS). However, at temperatures ≥ 120°C a negative reaction order
with respect to methanol indicated that the adsorption of acetic acid became the RDS for
reaction at higher reaction temperatures, perhaps due to increased competitive adsorption
by the alcohol. However, for all reaction temperatures, it was possible to propose a single
site (Eley-Rideal type) mechanism, where the carboxylic acid is first protonated and then
reacts with the alcohol (from the fluid phase). It was suggested that as the esterification
temperature increases, a shift in the RDS from nucleophilic attack (by the alcohol on the
adsorbed carboxylic acid) to carboxylic acid adsorption on the catalyst surface occurred.
Finally, three different modified-zirconias [WZ, SZ, and titania zirconia (TiZ)]
were investigated for transesterification and esterification of higher molecular weight
triglycerides and carboxylic acids, respectively (Chapter 6). It should be noted that
Chapter 6 is the only chapter dealing with ethanol instead of the methanol as the reacting
alcohol. The use of ethanol may be found advantageous over methanol as it is readily
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produced from renewable sources (e.g., corn, sugar cane) and is non-toxic. Nevertheless,
ethanol is yet not the favored alcohol commercially because of its higher price and lower
reaction rate (less nucleophilic than methanol).
Kiss et al. [2, 8] and Jitputti et al. [9] published during 2005 and 2006 on the use
of SZ for esterification and transesterification, respectively. Kiss and coworkers
concluded that “of the mixed metal oxides family, sulfated zirconia is found to be a good
candidate as it is active, selective, and stable under the process conditions. This makes
sulfated zirconia the most appealing candidate for catalytic biodiesel production” [8]. On
the other hand, Jitputti’s group also found that the SZ significantly deactivated during
transesterification of crude palm kernel oil through a complex mechanism that involved
sulfur leaching and pore filling. Hence, we pursued a more detailed comparison of the
activity and deactivation characteristics of SZ vs. WZ, since WZ should not suffer from
leaching of the active component at typical reaction conditions. Furuta and coworkers are
the only group beside us (to our knowledge) that has investigated WZ for
transesterification reactions. They reported in mid-2006 that an amorphous form of titania
supported on zirconia exhibited a higher activity than WZ promoted with alumina for the
transesterification of soybean oil at high reaction temperatures (~ 200°C) [10]. Therefore,
it was of interest to include this catalyst in a comparison of modified-zirconias for
biodiesel forming reactions.
In our study, we found that SZ was the most active modified-zirconia for the
transesterification of tricaprylin (C8:0). However, SZ deactivated by sulfur leaching, thus,
its activity was not easily regenerated. TiZ was found to have a greater activity for
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transesterification than WZ, in agreement with Furuta’s result [10]. However, TiZ
exhibited a much lower activity than WZ for the esterification of caprylic acid. The
higher activity of TiZ towards transesterification appeared to be due to its base sites,
which would be poisoned in the presence of caprylic acid during esterification at mild
reaction temperature (75°C). Although, WZ also exhibited deactivation, it was found to
be the most suitable catalyst for carrying out these reactions as it can be easily
regenerated by simple re-calcination in air [11].

7.2 Recommendations

In order to further advance our knowledge of solid acid-catalyzed reactions important to
biodiesel synthesis, the following studies are recommended:



Evaluation of an integrated solid-catalyzed process for the synthesis of biodiesel
from FFAs-containing feedstocks. For instance, the combination of a preesterification stage using WZ to lower the FFAs content followed by a second
reaction stage that utilizes a solid base catalyst (such as hydrotalcites [12]) for the
transesterification of the remaining triglycerides. Such a process may allow for
using lower reaction temperatures than a single solid-acid-catalyzed reaction
stage.
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The impact of yellow grease impurities on the catalyst activity for biodiesel
forming reactions. This study may assist in the determination of necessary
feedstock pre-treatments.



The effect of water concentration on transesterification. We found that water had
a negative impact on the solid acid catalysts activity for esterification [5, 13].
However, for transesterification it is possible that the parallel hydrolysis and
esterification reactions (due to the presence of water) may improve the overall
conversion rate.



Investigation of different reactor configurations. Studies are typically performed
using batch reactors; however, packed bed reactors and trickle bed reactors may
be more suitable for large scale biodiesel synthesis and, hence, important to
determine their advantages and limitations for biodiesel synthesis.
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APPENDICES

APPENDIX A
Biodiesel Standards

Table A.1 ASTM D 6751- 03 specifications
Property

ASTM

Flash point

Limits

Units

93

100 min.

°C

Water sediment

2709

0.05 max.

vol. %

Carbon residue

4530

0.050 max.

Kin. viscosity 40°C

445

1.9 - 6.0

Sulfur

5453

0.05 max.

Cetane

613

40 min.

Cloud point

2500

by customer

Copper corrosion

130

No 3 max.

Acid number

664

0.08 max.

Sulfated ash

874

0.020 max.

wt. %

Free glycerine

6584

0.020 max.

wt. %

Total glycerine

6584

0.240 max.

wt. %

wt. %
mm²/sec.
wt. %
°C
mg KOH/g

Table A.2 EN 14214 specification
Property
Flash point

Limits
> 101

Units
°C

Test method
ISO CD 3679e

Water content

500

mg/kg

EN ISO 12937

Alkali metals

5 max.

mg/kg

pr EN 14108
EN ISO 3104

Viscosity 40°C

3.5 - 5.0

mm²/sec.

Sulfur

10 max.

mg/kg

Cetane

51 min.

Methanol content

0.2 max.

EN ISO 5165
%(m/m)

pr EN 141101

mg KOH/g

pr EN 14104

Copper corrosion

Class1

Acid number

0.5 max.

EN ISO 2160

Sulfated ash

0.02 max.

% (m/m)

Free glycerine

0.02 max.

%(m/m)

pr EN 14105

Total glycerine

0.25 max.

wt. %

pr EN 14105
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ISO 3987

APPENDIX B
Comparison of Parr vs. Shaker Reactor

Triacetin conversion (X)
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Shaker

Parr

Figure B.1 Comparison of Parr vs. Shaker reactor for the liquid-phase transesterification
of triacetin with methanol on Amberlyst-15 at 60°C.
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APPENDIX C
Effect of Stirrer Speed on the Transesterification Rate
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Figure C.1 Effect of impeller speed on the initial transesterification rate of triacetin with
methanol on Nafion®SAC-13.
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APPENDIX D
Nh3-Tpd Profiles for WZ Calcined at Different Temperatures
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Figure D.1 NH3-TPD profiles of WZ samples calcined at different temperatures.
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APPENDIX E
IR Spectrum of WZ Samples Calcined at Different Temperatures
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Figure E.1 Absorbance spectrum of WZ samples calcined at different temperatures with
adsorbed pyridine (blue: 400°C, purple: 600°C, green: 700°C, magenta: 800°C, red:
900°C)
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APPENDIX F

Caprylic acid area counts (a.u.)

Concentration of Caprylic Acid during the Simultaneous Reaction of Tricaprylin
and Oleic Acid with Ethanol
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Figure F.1 Variation in the concentration of caprylic acid (HCp) during simultaneous
esterification of oleic acid and transesterification of tricaprylin.
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